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SUMMARY 

In this  thesis  a  novel  kind of membrane  reactor is studied.  In  this  reactor  a  porous  membrane  is 
used  to  keep  the  bulk  of  reactants  separated  from  each  other  and  to  allow  the  reactants  to  come 
together  and  react  in  a  controlled  way  inside  the  membrane.  Permselectivity  of  the  membrane  is  not 
used in this  system,  this  in  contrast  to  the  usual  application  of  membranes.  The  reactants  A  and B 
are fed  to  the  opposite  sides of a  porous  membrane  and  diffuse into  the membrane  from  either  side. 
The  reactants  come  together  inside  the  membrane,  where a catalyst  has  been  impregnated,  and 
react.  Provided  the  rate of the  reaction  is  fast  compared  to  the  diffusion  rate  of  the  reactants  a  small 
reaction  zone will exist  inside  the  membrane. In the  steady  state  the  location  of  this  reaction  zone  is 
such  that  the  molar  fluxes  of  both  reactants  are in stoichiometric  ratio. If the  concentration of one of 
the  reactants,  for  instance  A,  increases  this will result in an increase  of  the  molar flux of A into  the 
membrane. Therefore an excess of A will be present  at  the  reaction  zone  diffusing  further  into  the 
membrane  until  reaction  can  occur.  This  automatically  results  in  a  shift  of  the  location  of  the 
reaction  zone  towards  the  side of the  membrane  where  reactant  B is present.  Because of this 
change of the  location of the  reaction  zone  the  distance  from  the  membrane  interface  to  the  reaction 
zone  increases  for  reactant A thereby  decreasing  the  molar  flux  of A and  vice  versa for reactant B. 
The new location of  the  reaction  zone  will  be  such  that  the  molar  fluxes of both  reactants  are  in 
stoichiometric  ratio  again.  Finally  the  products  of  the  reaction  diffuse  out of the  membrane. 

As the  reactants  must  diffuse  from  opposite  sides  into  the  membrane  no  pressure  difference  over 
the  membrane is required,  contrary  to  the  common  applications  of  membranes.  Another  difference 
is that  as  permselectivity  does  not  play  a  role  in  this  system  the  pore  diameter of the  membrane  can 
be  relatively  large in order  to  operate  in  the  continuùm  regime  resulting  in  high  molar  fluxes and 
therefore  relatively  small  required  membrane  areas. 

Owing  to  the  fast  chemical  reaction  inside  the  membrane  slip of reactants  to  the  opposite  side of 
the  membrane is prevented. As this  reactor  controls  the  stoichiometric  addition of both  reactants 
automatically,  this  offers  opportunities for processes  where  strict  stoichiometric  addition of 
reactants is important  and  troublesome,  for  instance  because of fluctuation of the  concentration of 
one of  the  reactants. 

In this  thesis  first  a  literature  survey of the  main  topics  in  membrane  reactors,  especially  those 
using  ceramic or metallic  membranes, is given.  All  these  systems  have  in  common  that  the 
membrane is used  because  of its separation  properties.  Next  the  membrane  reactor  which is 
investigated in this  thesis is presented  and  the  structure  of  the  present  thesis  is  described. 

The features  of  this  membrane  reactor  are  shown by means  of  mathematical  modelling of 
molecular  diffusion  and  viscous  flow  combined with  an  instantaneous,  reversible  reaction  inside 
the  membrane. This model  uses  Fick’s  law  to  describe  diffusion  and is therefore  called  the 
simplified  model.  As  a  model  reaction  the  Claus  reaction  (Mark  et.  al., 1983) was  selected  and  by 
conversion  measurements  the  principle of a  shifting  reaction  plane  inside  a  porous  membrane is 
demonstrated.  Application of  a  moderate  overall  pressure  difference  over  the  membrane  still 

, permits  the  reactor  to  operate  while  products of the  reaction  can  be  forced to one  side of the 
membrane  only. 
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Surface difksion of H$ and SO2 in  alumina  membranes with an average  pore  diameter of 
about 350 m, impregnated with ?-A12 39 is studied as a.function of pressure at temperatures 
between 446 and 557 K. Diffusion through the gas phase in the pores  of  the  membrane h o s t  
entirely  takes place in t.he continuum  regime. The pressure  dependence of transport by diffusion 
through the gas phase and by surface diffusion is different, a fact which is used for the 
interpretation of the  steady state diffusion  measurements. It is observed  that  the  contribution of 
surface musion to  the  total  diffusion  through &he membrane  can  be  up  to  about 40%. The  surface 
diffusion data obtained are interpreted by a theoretical surface diffusion model using two 
parameters  to be fitted, the product of the  effective  surface  diffusion  coefficient,  the  concentration 
of the  adsorption  sites  and  the  adsorption  parameter as well  as  the  adsorption  parameter  itself.  The 
parameters fitted for SO2 show a remarkable  change between 498 and 525 K which  probably  may 
be attributed  to a change in the  adsorbed  species also reported in literature.  The  parameters  fitted 
for H$ show a maximum as a function of temperature,  however,  the  product of  the  effective 
surface diffusion coefficient and the  concentration of the  adsorption sites  still increases with 
temperature. 

Then, a more  complete  mathematical  model,  based on'the so-called  'Dusty-Gas  Model'  (Mason 
and  Malinauskas, 1983) extended  with  surface  diffusion, is presented.  This  model  describes  mass 
transport owing to molecular diffusion and viscous flow combined with an instantaneous 
reversible  reaction  inside a membrane with reactants fed to  different  sides of the membrane.  Mass 
transfer  resistances in the gas  phase  outside  the  membrane are taken  into  account.  The  extended 
model is used  to  determine  the  vaIidity of the  presented  simplified  model.  From  the  comparison  of 
both  models it is concluded  that the simplified  model  predicts  the  correct molar f i w s  provided  the 
system is very diluted and can therefore be considered a pseudo-binary  system.  From  the  present 
model it is concluded that in absence  of  an overall pressure difference over the  membrane, a 
maximum or a minimum in the  pressure  profile  inside the membrane is to  be  expected.  This  effect 
not  only  depends  on  the  stoichiometry of the reaction  but  also  on the mobilities of  the  different 
species. 

The Claus  reaction,  mentioned  before, has been  used  to  verify  experimentally  the  previously 
presented  transport  model in a non-permselective  membrane  reactor  with a mean pore  diameter of 
350 m. Both at a temperature  of 493 K and at 542 K the  experimentally  determined molar fluxes 
are 10 to 20% lower  compared to the  molar  fluxes  predicted  by the transport model.  Conversion 
measurements  performed at pressures of 220 W a  and 500 Wa demonstrate  the  importance of 
surface  dif.hsion as a transport  mechanism  despite the large  pore  diameter of the membrane, In the 
presence of an overall  pressure difference over the membrane still the agreement of the 
eqehental ly  determined  molar  fluxes  and those calculated  by  the transport model is reasonable. 

Finally, this membrane  reactor  has  been  tested  experimentally  for the  catalytic  reduction of nitric 
oxide with m o n i a .  It is demonstrated that the reactor can cope with varying ratios of 
concentrations  of nitric oxide  and  ammonia  without  detectable  slip  of  reactants at a temperature  of 
569 K. 
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In  dit proefschift wordt  een  nieuw  type  membraan  reactor  bestudeerd. In deze  reactor  wordt  een 
poreus  membraan  gebruikt om de buk van de reactanten  van  elkaar  gescheiden  te  houden  en om de 
reactanten  in  het  membraan  bij  elkaar  te  laten  komen  en  te  laten  reageren  op  een  gecontroleerde 
wijze.  Van gemselectiviteit van  het  membraan  wordt  geen  gebruik  gemaakt in dit  systeem,  dit  in 
tegenstelling tot de gebruikelijke  toepassing  van  membranen,  De  reactanten A en B worden aan 
verschillende  zijden  van het membraan  toegevoerd en diffunderen van verschiIlende  zijden  het 
membraan  in, De reactanten  komen  samen in het  membraan,  waarin  een  katalysator is geïmpreg- 
neerd, en reageren.  Mits  de  reactiesnelheid  hoog is in  vergelijking  tot de diffusie  snelheid  van  de 
reactanten  zal er een  kleine  reactiezone  in  het  membraan  ontstaan.  In  de  stationaire  toestand zal de 
plaats  van  deze  reactiezone  zodanig  zijn  dat de molfluxen  van  beide  reactanten  in  stoechiometrische 
verhouding  zijn,  Indien de concentratie  van  een der reactanten,  bijvoorbeeld A, toeneemt  zal  dit 
resulteren in een  toename  van de molflux  van A het membraan in. Daardoor  zal er een  overmaat 
van A aan de reactiezone  aanwezig  zijn  die  verder  het  membraan in diffundeert  totdat  reactie  pIaats 
kan  vinden. Dit  leidt  automatisch  tot  een  verschuiving  van de plaats  van de reactiezone  naar  de  zijde 
van  het  membraan  waar  reactant B aanwezig  is.  Vanwege  deze  verandering  van  de  pIaats van de 
reactiezone  neemt  de  afstand  van  het  membraan  tot  de  reactiezone  toe  voor  reactant A resulterend  in 
aan  afname van de molflux  van A en vice  versa  voor  reactant B. De nieuwe  plaats  van  de 
reactiezone  zal  zodanig  zijn dat de molfluxen  van  beide  reactanten  weer in stoechiometrische 
verhouding  zijn.  Tenslotte  diffunderen  de  prcdukten  van de reactie  het  membraan uit. 

Aangezien  de  reactanten  van  Verschillende  zijden  het  membraan in moeten  diffunderen  is er geen 
drukverschil  over  het  membraan  vereist, dit in  tegenstelling  tot de gebruikelijke  toepassing  van 
membranen. Een ander  verschil is dat  aangezien  perrnselectiviteit  geen rol speelt in dit  systeem  de 
poriediameter  van  het  membraan  relatief groot kan zijn  teneinde  in  het  continuum  regime te werken 
hetgeen de hoogste  molfluxen  geeft  en  daardoor  in  relatief kleine membraan  oppervlakken 
resulteert. 

Als gevolg van de  snelle  reactie in het  membraan  wordt  doorbraak  van  reactanten  naar  de  andere 
zijde  van  het  membraan  voorkomen.  Aangezien  deze  reactor de stoechiometrische  toevoer  van 
reactanten automatisch regelt geeft dit  mogelijkheden voor processen waarin  een strikt 
stoeckiometrische  toevoer  van  reactanten  vereist en moeilijk is, als gevolg  van  bijvoorbeeId  een 
flukmerende  conceneatie  van  een  der  reactanten. 

In dit  proefschrift  wordt  eerst  een Titeratuur  overzicht  gegeven  van  de  belangrijkste  onderwerpen 
op het  gebied van membraan  reactoren,  met  name  van de systemen die gebruik  maken  van 
keramische of metallische  membranen. Al deze  systemen  hebben  als  gemeenschappelijk  kenmerk 
dat het membraan  gebruikt  wordt  voor  zijn  scheidende  eigenschappen.  Vervolgens  wordt  de 
membraan  reactor clie in dit proefschrift  onderzocht is gepresenteerd  en  wordt  de  opbouw  van  dit 
proefschift beschreven. 

De mogelijkheden  van deze membraan reactor worden  aangetoond middels wiskundige 
modellering  van  moleculaire  diffusie  en viscegzze stroming in combinatie  met  een  instantane, 
reversibele  reactie in het  membraan, Dit model  gebruikt  Ficks  diffusie  wet en wordt  daarom  het 
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vereenvoudigde  model  genoemd.  Als  model  reactie is de  Claus  reactie (Mark et-al.,  1983)  gekozen 
en door middel  van  conversie  metingen  wordt  het  principe  van  een  verschuivende  reactiezone  in  het 
membraan  aangetoond.  Opleggen van een  bescheiden  drukverschil  over  het  membraan  tast  de 
werking  van  de  reactor  niet  aan  terwijl de reactieprodukten  naar  een  zijde  van  het  membraan 
kunnen  worden  geforceerd. 

Oppervlakte  diffusie  van H2S en S02 in  alumina  membranen  met  een  gemiddelde  poriediameter 
van  circa  350  nm,  geïmpregneerd  met  y-Al203, is bestudeerd  als  functie  van  de  druk  bij  een 
temperatuur  van 446 tot 557 K. Diffusie  door  de  gasfase  in  de  poriën  van  het  membraan  geschiedt 
vrijwel  geheel in het  continuum  regime. De drukafhankelijkheid  van  het  transport  ten  gevolge van 
diffusie  door de gasfase  en  oppervlakte  diffusie is verschillend  hetgeen  gebruikt  is  voor  de 
interpretatie  van de steady  state  diffusie  metingen.  Het is waargenomen dat de bijdrage van 
oppervlaktediffusie  ten  opzichte  van  het  totale  diffusie  transport  door  het  membraan  tot  circa 40% 
bedraagt. De verkregen  oppervlaktediffusie data zijn  geïnterpreteerd  met  een  theoretisch 
oppervlaktediffusie  model  met  twee  te  fitten  parameters,  het  produkt  van  de  effectieve  oppervlakte 
diffusie  coëfficiënt, de concentratie  aan  adsorptie  plaatsen  en de adsorptie  parameter  alsmede  de 
adsorptie  parameter  zelf.  De  voor S02 gefitte  parameters  geven  een  opmerkelijke  verandering  te 
zien  tussen  498  en 525 K hetgeen  waarschijnlijk  verbonden is aan de  verandering  van  de  aard  van 
de geadsorbeerde  deeltjes  die  in de literatuur  gevonden  is.  De  voor H2S gefitte  parameters  geven 
als functie van de temperatuur  een  maximum te zien,  echter  het  produkt  van  de  effectieve 
oppervlakte  diffusie  coëfficiënt  en de concentratie  aan  adsorptie  plaatsen  neemt  toe  met de 
temperatuur. 

Vervolgens  wordt  een  uitgebreider  wiskundig  model  gepresenteerd  dat  gebaseerd  is op  het 
zogeheten  'Dusty-Gas  Model'  (Mason  and  Malinauskas,  1983),  uitgebreid  met  oppervlakte 
diffusie.  Dit  model  beschrijft  transport  tengevolge  van  moleculaire  diffusie  en  visceuze  stroming 
gecombineerd  met  een  instantane,  reversibele  reactie  in  een  membraan  waarbij de reactanten  aan 
verschillende  zijden  van  het  membraan  worden  toegevoerd.  Met stofoverdrachtsweerstanden in de 
gasfase  buiten  het  membraan  wordt  rekening gehouden. Het  uitgebreide  model is gebruikt  om de 
geldigheid  van  het  vereenvoudigde  model  te  bepalen.  Uit de vergelijking  van  beide  modellen  kan 
geconcludeerd  worden dat het  vereenvoudigde  model de correcte  molfluxen  voorspelt  mits  het 
systeem  sterk  verdund is en daarom  als  pseudo  binair  mag  worden  opgevat.  Uit  het  huidige  model 
volgt  dat, in afwezigheid  van  een  drukverschil  over  het  membraan,  een  maximum of  een  minimum 
in  het  drukprofiel  in  het  membraan  kan  worden  verwacht.  Dit  effect  hangt  niet  alleen af  van de 
stoechiometrie  van  de  reactie  maar ook van de beweeglijkheid  van  de  diverse  deeltjes. 

De  reeds  eerder  genoemde  Claus  reactie is gebruikt  om  experimenteel  het  hiervoor  beschreven 
transport  model  te  verifiëren in een  niet-permselectieve  membraan  reactor  met  een  gemiddelde 
poriediameter  van 350 nm. Zowel  bij  een  temperatuur  van 493 K als bij 542 K zijn de 
experimenteel  bepaalde  molfluxen 10 tot 20 % lager dan  de  molfluxen  voorspelt  met  het  transport 
model. Conversie  metingen  verricht  bij  drukken van 220 kPa  en 500 kPa  tonen  het  belang  aan  van 
oppervlakte  diffusie  als  transport  mechanisme  ondanks  de  grote  poriediameter  van  het  membraan. 
Ook in aanwezigheid van een  drukverschil over het  membraan is de  overeenkomst  van  de 
experimenteel  bepaalde  molfluxen  en de berekende  molfluxen  redelijk. 
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Tenslotte is deze membraan reactor experimenteel getest voor de katalytische reduktie van 
stikstofoxiden  met ammoniak. Aangetoond wordt dat deze  reactor  verschillende  verhoudingen van 
conceniraties aan stikstofoxiden en m o Q i &  aankan zonder  meetbare  doorbraak  van  reactanten bij 
een  temperatuur van 569 M. 
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Chapter l 

AN INTRODUCTION TO MEMBRANE  REACTORS 

Abstract 

A literature  survey of the  main  topics in membrane  reactors,  especially  those using ceramic or 
metallic  membranes, is given. All these  systems  have in common  that  the  membrane is used for  its 
separation  properties.  Next  the  membrane  reactor  which is investigated in this  thesis is presented. 
In this  reactor  permselectivity is not  important  as  the  membrane  is  used to keep  reactants  separated 
from eachother  and  to  allow  them  to  come  together  in  a  controlled way. Finally,  the  structure of 
this thesis is described. 
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A lot of research  effort is invested in membrane  reactors  nowadays  because  the  combination of 
separation and reaction in one apparatus offers very interesting opportunities to improve  the 
efficiency of a large number of chemical  and  biochemical  processes, h these reactors  membranes 
of all kind of  materials,  polymers,  ceramics or metals, can  be  used  and each of these  materials  has 
its  own  specific  advantages. 

Polymeric  membranes are mainly  used in bioreactors as their  use is limited  to  relatively low 
temperatures, 550 K at maximum. A survey of  the use of these polymeric membranes  in 
bioreactors is given by  Matson  and  Quinn  (1986). A number  of  reasons  can  be  distinguished  to 
integrate  the  bioconversion  and  the  separation  process e.g., the  opportunity of obtaining  relatively 
pure product streams,  the  increase of the  product  yield in case of bioreactions  that  suffer from 
product inhibition and  the  possibility  of  enzyme-catalyzed  conversion of reactants  that  are  not 
soluble in water. 

The use of ceramic or metallic membranes offers the possibility of operation at high 
temperatures.  Dense,  non-porous,  metallic  membranes,  made of palladium or palladium  alloys, 
offer complete  permselectivity  as they are only  permeable  to  hydrogen. A large disadvantage of 
dense  metallic  membranes  however is the  low molar flux that  can  be  obtained  compared  to  those 
obtained using porous ceramic membranes.  For  porous  ceramic  membranes  permselestivity is 
often  limited  to  the  Knudsen  selectivity  which is equal to  the  square  root of the ratio of the  molar 
masses of the  components  to be separated. An excellent  survey  of  the  use  of  metallic  and  ceramic 
membranes in membrane  reactors is given  by Armor (1989). A survey  of  commercially  availabIe 
inorganic  membranes is given  by  Hsieh  (1988). 

There  are two main  reasons  for  the  combination  of  reaction  and  separation  by  membranes  i.e. 
i) selectivity  improvement  and 
ii) increase of the  conversion of reactions  where  conversion is limited by thermodynamics, by 

selective removal  of  one of the  products  of the reaction,  mostly  hydrogen. 
Dense foi€s of palladium or palladium  alloys  were  used as membrane  material by  Nagamoto  and 
ZnOue (1985), Gryamov (1986)  and  Gur'yanova et. al. (1988)  to  study  hydrogenation  reactions. 
In these  systems  hydrogen diffuses through  the  membrane  before  the reaction takes  place. 
Nagamoto  and houe (1985)  studied the hydrogena,ticsn  of 1,3-butadiene  and  observed  higher 
reaction  rates using the hydrogen  permeable  membrane  compared  to the reaction  rate  with  premixed 
reactants.  They attributed this  to strong adsorption  of 1,3-butadiene on  the catdyst surface. 
Gur'yanova ets al. (1988) studied the  hydrogenation of CO and  observed an influence of the 
introduction of hydrogen  on  the  activity and the  selectivity.  Using  dense Bi@3-La&h~ oxygen 
permeable  membranes Di Cosimo  et.  al.  (1986)  studied  the oxidative dehydrodimerization of 
propylene  and obtained sdectivities higher  compared  to  those  obtained with oxygen  supplied to the 
propylene feed. Gryanov et. al. (1986)  studied the oxidation of hydrocarbons, alsohols and 
ammonia using oxygen  permeable  silver  membranes  and $so obtained  improved  seiectivities. 

Studies concerning the improvement of the  conversion of dehydrogenation  reactions  where 
conversion is hiteed by thermodynamics  by selective removal of hydrogen  through a dense 
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metallic or porous  ceramic  membrane in literature  are  numerous.  Wood  (1968)  studied  the 
dehydrogenation  of  cyclohexane  to  cyclohexene  using  a  palladium-silver  alloy membrane. The 
dehydrogenation  of  cyclohexane  to  benzene  was  studied by It0 et.  al.  (1985)  and  by  Sun  and 
Khang  (1988)  both  using  porous  Vycor-glass  as  a  membrane  material. It0 et.  al.  (1985)  used  the 
membrane  as  a  permselective  wall  of  a  packed  bed of Pd-Al20,  or  Pt-Al203  catalytically  active 
particles  and  observed  conversions  higher  compared  to  those  obtained  without  permselective  wall. 
They  reported  the  existence  of  an  optimal  thickness of the  membrane for maximal  conversion 
which  depends on the  relative  rates of  permeation  and  reaction. A permeation  rate  high  compared  to 
the  reaction  rate  results in excessive  loss of reactant by  permeation  of cyclohexane  whereas  a 
permeation  rate  low  compared  to  the  reaction  rate  results  in  substantial  hydrogen  concentrations  at 
the  feed  side  limiting  conversion.  Sun  and  Khang  impregnated  the  Vycor-glass  membrane  with  the 
platinum  catalyst  and  compared  the conveaions obtained  with  the  situation of packed  catalyst 
particles  in  the  Vycor-glass  tube.  For  high  residence  times  the  conversion  in  the  reactor with  the 
membrane  impregnated  with  the  catalyst  was  superior  compared  to  the  reactor  using  a  packed bed 
of catalyst  particles  whereas at low  residence  times  the  latter  configuration was superior. 

Mikhalenko  et.  al.  (1986)  studied  the  dehydrogenation of isopropyl  alcohol  using  a  palladium 
foil as a catalytic  membrane  material.  They  showed  that  the  conversion  depends  highly on  the 
hydrogen  concentration at the  surface of the  membrane  and  that  a  certain  amount  of  adsorbed 
hydrogen is necessary  for  the  dehydrogenation  reaction  to  occur. 

It0  et. al. (1984)  studied  the  dehydrogenation  of HI at  700 K in a  membrane  reactor  with  a  wall 
of  microporous  Vycor-glass.  The  optimal  membrane  thickness was  shown  to  be  about 1 pm. 
Conversions  of HI of  about  twicè  the  conversion  obtained  without  selectively  removing  hydrogen 
were  reported. 

Economically  very  interesting is the  dehydrogenation  of  hydrogen  sulfide  which  can be  an 
alternative  for  the  complicated  Claus  process  as  pointed  out by  Raymont  (1975).  Karneyama  et.  al. 
(1983) studied  this  reaction at 1100 K using  a  microporous  Vycor-glass  and  a  microporous 
alumina  membrane for comparison. The hydrogen  production in this  case was about  twice  the 
mount of  hydrogen  produced  without  using a permselective  membrane. A problem  however  was 
the  relative  low  separation  factor  owing  to  the  large  pore  diameters of about  100 nm resulting in 
excessive  permeation of hydrogen  sulfide  through  the  membrane. 

Recently,  Champagnie  et.  al.  (1990)  used  Pt-impregnated  alumina  membranes  to  increase  the 
conversion of ethane  to  ethylene  at  700  to  900 K. Reactor  conversions  were up  to  a factor  6  higher 
compared  to  those  obtained  without  selective  hydrogen  removal. 

Very  interesting  work  concerning  the  operation of  membrane  reactors,  co-  or  countercurrently, 
with or without  recycle,  has been  published  by  Mohan  and  Govind  (1988a, 1988b). To improve 
the  performance of  membrane  reactors  using  membranes  operating at Knudsen  selectivity,  they 
concluded  that: 
- permeated  reactant  should  be  recycled  or  allowed  to  permeate  back 
- the  separation  can be increased  by  shifting  the  feed  location 
- the  permeation  rates  of  the  products  should be high to  reduce  the  reverse  reaction. 
The  choice of a co- or counterclanrently  operated  membrane  reactor  depends  on  system  parameters 
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e g ,  differences in permeability. An interesting  proposal is the  membrane reactor with recycle  and 
intemediate feed location resulting in an  enricher and a stripper  section  (Mohan  and  Govind, 
1988b). 

Porous ceramic  membranes offer high  molar fluxes compared to those obtained  with  dense 
metallic  membranes  but  the  permselectivities me often limited to the  Knudsen  selectivity. The 
occunence of s d a c e  diffusion as a transport mechanism  can  improve the selectivity  of  the 
membrane  (Asaeda  and Du, 1986, 'hTpllhom et. al., 1989) while  maintaining  the  high  molar  fluxes. 
On the other hand the complete selectkity of dense metallic foils is attractive for hydrogen or 
oxygen  permeation  provided  that  their  molar  fluxes can be  improved. To increase the  molar  fluxes 
of hydrogen or oxygen  through  these  dense  metallic  membranes  the  membrane  thickness  should be 
reduced. This however  results in membranes  vulnerable €or  damage,  which can be  avoided i€ it is 
possible  to  locate  the  separating  metallic layer somewhere  inside a porous supp~rt, realized  e.g.  by 
a special  vapour  deposition  technique  (Gavalas e t  d., 1989). 

2 e A non-permsellective  membrane reactor 

A completely  new  appfication  of  membrane  reactors is studied in this  thesis.  In  the  present  study 
the membrane is not  used  to  separate  components  &om  eachother  but  to  keep  reactants  separated 
and  to  proceed  the  reaction in a controlled way. Reactants  are fed to  different  sides of a porous, 
ceramic membrane and diffuse from either side into the membrane. Therefore no pressure 
difference over the membrane is used-  Inside  the  membrane a catalyst has been  impregnated 
resulting in a reaction  between  the  reactants  inside the membrane.  Provided  the rate of the  reaction 
is fast compared  to  the difhsion rates of the  reactants,  the  diffusion is rate limiting resulting in a 
small  reaction  zone inside the membrane, for instantaneous, irreversible reactions  leading  to a 
reaction  plane.  Finally  the  products  diffuse  out of the membrane. In Figure l concentration  profiles 
in the membrane are presented  schematically. 

Figure 1: Concentration  profiles  inside  the  membrane 

o L 

The location of the reaction zone inside  the membrane is such that the molar fluxes of the 
reactants are in stoichiometric  ratio. If for some reason  the  concentration of reactant A in  the bulk 
of the  gas  increases this will result in an  increase of the  molar flux of A. This results in an excess 
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of A at the  reaction  zone  which  penetrates  further  into  the  membrane so the  reaction  zone  starts 
shifting  towards  the  side of reactant B. Owing  to  this  shift  the  distance from the  membrane 
interface  to  the  reaction  zone  increases  for A giving a decrease  of  the  molar flux of A and  vice  versa 
for B. The new location  of  the  reaction  zone  will be such  that  the  molar  fluxes of A and B are 
again in stoichiometric  ratio. As a  result  this  membrane  reactor  operates at stoichiometric molar 
fluxes  of  reactants  and  slip of reactant  to  the  opposite  side of the  membrane  will  be  prevented by 
the  fast  chemical  reaction. As the  membrane is not  used for its  separating  properties itis attractive 
to  use a rather  large  pore  diameter  in  order  to  operate  in  the  continuum  regime which  gives  the 
highest  molar  fluxes  and  therefore  the  smallest  membrane  area  required. 
. In  the  present  thesis  this  new  application  of  the  membrane  reactor  has been studied both 
theoretically  and  experimentally  using  the  Claus  reaction  and  the  selective  catalytic  reduction of 
NO, by N H 3  (the  SCR  reaction),  presented in equations (l-2), as  model  reactions. 

2H2S + SOz 
3 
- S  + 2H,O 
8 8  

4 N 0  + 4NH3 +O2 4N2 + 6H20 

In  Chapter 2 a simplified  model  is  presented  which  describes  transport  of  reactants  and  products 
combined  with  a  fast  reaction  inside  the  membrane  with  reactants  coming  from  either  side  of  the 
membrane.  With  this  model  the  molar  fraction  profiles  and  molar  fluxes  in  and  out  of  the 
membrane  are  calculated. In this  model the transport of components is described by the 
combination  of  viscous  flow  owing  to  a  pressure  difference  over  the  membrane  and  molecular 
diffusion  described by Fick's  law. The reaction is reversible  and is assumed  to  be  instantaneous 
compared  to  the  transport  rates  of  the  components.  Experimental  data  using  the  Claus  reaction, 
presented in equation (l), are  also  given.  This  model  has  been  presented at ISCRE 1 1, Toronto 
(Sloot  et. al., 1990). 

In  Chapter 3 an experimental  study  concerning  surface  diffusion  phenomena is presented  using 
steady  state  diffusion  measurements  of  hydrogen  sulfide  and  sulfur  dioxide.  Despite  the  large  pore 
diameter of the  membranes  of 350 nm,  surface  diffusion  appears  to  contribute  up  to 40 % of the 
total  diffusive  transport of hydrogen  sulfide  and  sulfur  dioxide  through  the  membrane. In the 
continuum  regime  the  effective  diffusion  coefficient  describing  diffusion  through  the  gas  phase in 
the  pores of  the  membrane is inversely  proportional  to  the  pressure P. Provided  that  the  fraction of 
the  adsorption  sites  covered by  hydrogen  sulfide or sulfur  dioxide  remains  low,  the  effective 
surface  diffusion  coefficient is independent  of  the  pressure P. This  difference in pressure 
dependence  has  been  used  to  distinguish  between  both  transport  mechanisms. 

In  Chapter 4 an  extended,  more  complete  transport  model  based  on  the  so-called  'Dusty-Gas 
Model'  (Mason  and  Malinauskas, 1983) is presented in which  also  surface  diffusion  has  been , 

incorporated.  This  model is used  to  verify  the  simplified  transport  model  presented  in  Chapter 2. 
Also  some  new  effects i.e. the  development  of  a  pressure  profile  inside  the  membrane,  owing  to 
the  chemical  reaction,  in  the  absence of an overall  pressure  difference  over  the  membrane  are 
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presented. It appears  that for the  prediction of the  development of a maximum or a minimum  in  the 
pressure profile inside the xembrane it is not sufficient  to bok only at the stoichiomelq of the 
reaction,  i.e. the change in the number o€ gas molecules  by  the  reaction,  but the mobility of the 
different  species  owing  to  the Werent transport  mechanisms  must  also  be  taken  into  account. 
In Chapter 5 the membrane reactor is studied experhentally using the Claus  reaction as a model 

reaction.  The  experimentally  determined molar flmes are  compared to the  molar  fluxes  predicted 
by the transport mdel  described in Chapter 4. It is demonstrated  experimentally  that  the  principle 
of a shifting reaction  zone  inside the membrane  works  and  that  slip of reactant  can be  prevented by 
the  chemical  reaction  provided  the  conditions  chosen  are  not too severe, 
h Chapter 6 the applicability of this membrane reactor for de catalytic  reduction of nitric  oxide 

with  ammonia giving nitrogen and  water using almina membranes  impregnated  with a vanadium 
oxide catalyst is studied. It is demonstrated that this membrane  reactor is very  suitable for this 
reaction. 
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Chapter 2 

A NON-PERMSELECTIVE  MEMBRANE  REACTOR  FOR  CHEMICAL 
PROCESSES NORMALLY REQUIRING STRICT  STOICHIOMETRIC FEED 
RATES OF REACTANTS 

Abstract 

A novel  type  of  membrane  reactor  with  feeding  of  the  reactants  ifrom  opposite  sides  is  presented 
for  chemical  processes  normally  requiring  strict  stoichiometric  feed  rates of premixed  reactants. 
The  reactants  are  fed  into  the  reactor  at  different  sides of a  porous  membrane  which is impregnated 
with  a  catalyst for a heterogeneously  catalyzed  reaction.  If  the  reaction  rate is fast  compared  to  the 
diffusion  rates of the  reactants,  a  small  reaction  zone  inside  the  membrane  occurs and slip of the 
reactants  to  the  opposite  side of the  membrane is prevented.  The  location  of  this  reaction  zone  will 
be such  that  the  molar  fluxes of the  reactants  are  always  in  stoichiometric  ratio.  The  features of this 
reactor are shown by means  of  mathematical  modelling  of  molecular  diffusion  and  viscous  flow 
combined  with an instantaneous,  reversible  reaction  inside  the  membrane. As a  model  reaction  the 
Claus  reaction  was  selected  and by  conversion  measurements  the  principle  of  a  shifting  reaction 
plane  inside  a  porous membrane is demonstrated. 
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Considerable research effort has  recently  been devoted to membrane  reactors.  The  studies 
involving membrane reactors presented in literature can be  divided in two classes;  biological 
systems  and  systems  where the membrane is used  to  shift  the  equilibrium of a reversible  reaction 
(Mohand  and  Govind, 1988). h the present investigation, a new type of membrane reactor is 
presented in which  the  reaction  takes  place  inside  the  catalytically  active  membrane  and,  contrary  to 
usual  applications,  the  permselectivity of the  membrane is not  important, In Figure 1 a schematic 
representation  of this membrane  reactor is given. 

Figure 1: Schematic  representation o€ the membrane  reactor. 

B 

C 
+ 

B C 

The reactants .are fed  at different sides of a porous  membrane  which is impregnated with a 
catalyst for a heterogeneous  chemical  reaction.  Inside  the  membrane  the  reaction  takes  place,  The 
products  diffuse out &the membrane  to  both  sides. If the rate of  the  reaction is fast compared  to 
the diffision rates of the  reactants in the  membrane, a small  reaction  zone  will be present in the 
membrane,  ultimately  leading  to a reaction  plane for instantaneous,  irreversible  reactions.  At  this 
reaction  zone or plane h e  molar fractions of  both  reactants  will  be  very  low.  The  molar  fluxes  of 
the  reactants  are, in the  absence  of a pressure  difference over the  membrane,  determined by  their 
concentrations in the bulk of the  gas,  their diffusion3oefficients and  the  distance  to  the  reaction 
zone. Hf for some  reason  these  molar  fluxes  are  temporary  not in stoichiometric  ratio,  there will be 
an  excess  of one of the  reactants at the  reaction  zone  which will penetrate  deeper  into  the  membrane 
to  react  with  the other reactant. As a result,  the  location  of  the  reaction  zone  shifts  toward the side 
of the reactant with the molar flux below  stoichiometry. As the distance to  the  reaction  zone 
decreases for the last mentioned  reactant its molar flux increases  and the molar flux of  the other 
reactant  decreases. Finally, the  location  of  the  reaction  zone or plane will be  such  that  the  molar 
fluxes of the  reactants are always in stoichiometric  ratio and slip  of  the  reactants  to  the  opposite 
side of the membrane is prevented.  The  membrane reactor operated as described above can 
therefore be regarded as a very suitable  reactor  for processes normally requiring strict 
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stoichiometric  feed  rates of  reactants. 
In this work the  Claus  reaction  (Mark H.F. et.  al., 1983) has  been  selected  as  a  model  reaction 

to  study  the  proposed  membrane  reactor. 

2H2S + S 0 2 d  - S  3 + 2H,O 
8 8  

The  membrane  used  was  made  of  &Al203  with a mean  porediameter  of 350 nm,  impregnated 
with  y-A1203,  the catalyst for the  Claus  reaction.  The  Claus  reaction  however,  cannot  be  regarded 
as  irreversible  but is actually an equilibrium  reaction  instead  and  therefore  the  influence of 
reversibility  on  the  reactor  performance  has to be  determined.  Another  effect  that  may  have  a 
pronounced  effect  on  the  reactor  performanee is the  occurrence  of  a  pressure  difference  over  the 
membrane. In order to study both the  influence of reversibility and  a  pressure  difference,  a 
mathematical  model  has  been  developed  which  describes  the  transport  and  reaction in this 
membrane  reactor.  In  the  model,  the  transport  of  reactants  and  products  takes  place by 
simultaneous  viscous  flow  and  molecular  diffusion  while  the  reaction is assumed  to be 
instantaneous  and  reversible. 

2 .  Model  description 

The  model  developed  in  the  present  study is a  flux  model  reflecting  the  experimental  set  up  used 
to  study  the  Claus  reaction  in  the  membrane  reactor  which  consisted of  two  well  mixed  chambers. 
For  simulation of a practical  application of the  membrane  reactor,  this  flux  model  has  to  be 
incorporated  into  a  reactor  model  which  takes  the  operation  mode  (co- or countercurrent)  into 
account. 

The  instantaneous,  reversible  reaction  can  be  presented  generally by equation (1): 

v,A + vBB vCC + v,D 

In the  mathematical  model  mass  transfer is described  into  one  dimension,  the  direction 
perpendicular  to  the  membrane  and for steady  state  conditions.  The  model  has  to  calculate  the 
molar  fractions  of  the  reactants  and  products, XA,  XB, XC, XD and,  if  present,  of  the  inert 
component  xinert,  and  the  pressure P as  a  function  of  the  position  in  the  membrane.  As  there  are  six 
variables  to be  determined  six  equations  are  required  to  describe  mass  transfer  accompanied by a 
reversible,  instantaneous  reaction  in  the  membrane. 

The  mass  balance for component i in the  stationary  state is given by equation (2); the  change of 
the  molar flux of component i with  the  position  in  the  membrane  must  be  equal  to  the  reaction  rate 
at  that  position. 
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with Ri < O for reactants  and Ri > 0 for products 

The  mass  balances for all components  are  presented by  equations  (3-7). 

d JD 
- = % = - -  d z  RA 

d Jinea -- 
d z  

- 0  

As reaction (1) is regarded  as  an  instantaneous  equilibrium  reaction  compared  to mass transfer, RA 
is indefinite.  Therefore RA is eliminated by  means of adding  and  subtracting  among  the  equations 
(3-7) resulting in four independent  equations (8-1 1): 

d z  

In order to solve this set of equations uniquely two additional relations are required.  The 
equilibrium condition is the  fifth  equation  and is assumed  to be valid through the  entire  membrane: 
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Kev - 
- 

'C 'D 
'C "D 

'A 'B 
xA 'B 

The sum of the  molar  fractions  must be equal  to  one  which is the  sixth  and  final  equation: 

i = n c  

& = l  
i = l  

Before  the  set of equations  (8-13)  can  be-solved,  the  molar flux of each  component  has to  be 
specified.  In  the  present  study it  is assumed  that  there  are  two  mechanisms of transport,  viscous 
flow  and  molecular  diffusion  according  to  Fick's  law.  These  mechanisms are additive  owing  to  the 
fact  that  they  are  independent. 

. Ji = xi Jvisc + Ji, dif 

The  occurrence  of  the  pressure  in  the  driving  force  in  equation (16) is necessary  to  take  pressure 
diffusion  into  account  (Mason  and  Malinauskas,  1983).  Pressure  diffusion is a  diffusive  transport 
mechanism,  with  a  pressure  gradient as a  driving  force,  which  has  separating  properties,  this in 
contrast  to  viscous  flow.  The  viscous  flow is represented by the  equation for the flow of  a 
compressible  fluid  through  a  porous  medium.  The  parameter B, is a  membrane  specific  parameter 
defined  according  to  equation  (17). 

2 

z 32 B O = - -  
E 

with E the  porosity, Z the  tortuosity  and  d  the  mean  pore  diameter  of  the  membrane 
P 
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The  gaseous  diffusion  coefficients D o i , ~  and Doijnea are  estimated from gas  kinetic  theory ( 
et.  al.,  1977). 

To solve the set  of  equations (8-B), twelve boundary conditions  are  required.  At  the  membrane 
interfaces  the qdibrium condition  must be fulfilled (see  equation (12)). Also the  sum of the  molar 
fractions  must  be equal to  one at the  interfaces  (see  equation (13)). n e  pressure at the  membrane 
interfaces  must  be  the  same as the  pressure in the  bulk of the  gas  at  that  side  of  the  membrane.  The 
additional six boundary  conditions  required are obtained from mass balances  coupling  the  molar 
fluxes &om  the bulk of the  gas  to the membrane interface, Ji, b-i, with  the  molar  fluxes at the 
intedace, Ji, ink Owing to  the fact that  the  reaction is assumed  to  be  instantaneous  the  molar  fluxes 
from the buk of the gas to the  membrane interface, Ji, b-i, and  the molar fluxes inside the 
membrane at the interface, Ji, int, do not  have  to be equal  to one another  but are coupled by  the 
stoichiometry  of the reaction  (see  equations  (19a-19d)). 

both at z=O and z=L 

There are eight mass  balances at the  membrane  interfaces,  however  only six boundary  conditions 
are required and  therefore  two  mass  balances  must  be left out.  Equations  (19d)  are  dropped as 
boundary conditions,.  however  they will be  necessary  later on. 

The  molar  fluxes  inside  the  membrane at the  interface Jï, int in equations  (19)  are  calculated by 
equations (14-16). The  molar flux of component i from the bulk of the gas to the  membrane 
interface Ji, b-i consists of a viscous  part  and a diffusive  part, see equation (20). 
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In equation  (20)  b-i  stands for z = - 6 or z = L + 6 for the two interfaces of the  gas  bulk  with  the 
gas  fiim.  The  viscous  molar flux in equation  (20) Jvisc is the  same flux as  inside  the membrane  and 
is given  by  equation (15) and is almost  the  same  as  the  molar  flux  of  inert.  In  fact  equations  (19d) 
that  had  to  be  dropped  previously  are  used  at  this  point.  The  derivative  of  the  molar  fraction  at  the 
interface of the  gas  bulk  with  the  gas  film  in  which  the  mass  transfer  resistance in the  gas  phase  is 
situated, (dXi/dZ)b-i is however  still unknown. This  variable is determined  by  integration of the 
steady  state  mass  balance  of  component i in  the  gas  fiim  given  in  equation  (21). 

D: P d2xi d  xi 

RT dz2 
-p- 

Jvisc - - 0  

for -6<z<O  andforL<z<L*+6 

The molar  fractions xi in the  gas  bulk, Xi,bulk, and  at  the  membrane  interface,  xi,int  where  int 
stands for z = O or z = L, are used  as  boundary  conditions  to  solve  equation  (21).  The  derivative of 
the  molar  fraction at the  interface  of  the  gas  bulk  with  the  gas  film (dXi/dZ)b-i, required  in  equation 
(20), is represented by  equation  (22). 

with 6 the  thickness of the  stagnant  gas  film 

At  x=O, the  membrane  interface at the  side  where  A is fed  to  the  reactor, and at  x=L,  the  membrane 
interface at the  B  side,  equations (19) are  applied.  Boundary'  conditions  át  both  sides  of  the 
membrane  required  to  solve  the  set of equations are the  molar  fractions  of  all  components  and  the 
pressure  in  the  bulk  of  the  gas  at  both  sides. 

The  mass  transfer  model  consisting  of  this  set of equations  can  only  be  solved  numerically.  The 
method  used is a  relaxation  technique  (Press  et.  al.,  1986).  In  the  relaxation  method  the  set of N 
coupled  differential  equations is replaced by a  set of N finite  difference  equations on  a grid 
consisting  of M mesh  points.  The  discretization  scheme is given in  equations  (23). 

d 'i 'i, k+l - xi, k-l 
d z   2 h  
- -  - 

n 

d z  2 h2 
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The k s t  and  second  derivative of the  pressure  to  the bcation in the  membrane are also discretisized 
according  to  equations (23). A solution of the set of equations to be sdved consists of values for 
the N dependent  variables  at  each of the M meshpoints,  therefore a total  number of N*M variables. 
The method produces a matrix  equation of size N*M as  presented in equation (24). 

a El, k=l 

a vl, k=l 

* . e  

%. k=M ... 
a vl,.k=l 

a 'l7 k=l 

a "N, k=M 

a 'N. k=M 

a k=M 

* 

d vl, k=l 

k=l 

d vl, k=2 

d k=M 

d 'l, k=l 

k=l 

d 'l, k=2 

with E.. the  deviation of equation  number i on grid  point  number j 
IJ 

d v.. = V.. 
IJ IJ? old - vij, new IJ 

where  v.. is the  present  value of variable vi  at k=j 

dE..=Eij,old-E.. =E,. 
9 IJ, new  IJ^ old 

owing to  the fact that the  discretization of the derivatives of a variable  vi,&  only  involves  its 
values at the  gridpoints k-l, k and k+l the matrix with the  partial  derivatives  consists of 3 grid 
points times 6 equations on  each grid point so 18 diagonals in all. Solving equation (24) by 
inverting the matrix  with partial derivatives  gives  new  values  of all variables  simultaneously. By 
continuously  improving  the initial guessed  solution  the  method is said  to  relax  to  the  true  solution 
(Press et. al., 1986). 

Two sets of simulations  were  performed  in  order  to  study  the  influence of reversibility  and of a 
pressure  difference over the  membrane. As base  case, a simulation at a temperature of 473 K in the 
absence of a pressure merence over  the  membrane was carried  out, Owing to  the fact that  one of 
the products of the  Claus reaction, elemental sulfur, has a melting point of about 392 K, a 
temperature of at least 470 K is required in order to  be able  to  remove  this  product  out of the 
membrane  by  diffusion though the gas  phase.  Parameters  used  in the simulation of the  base  case 
are given  in  Table 1, the  molar  fluxes  calculated  in  Table 2, 
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Table 1: Parameters  used  in  Figures 2,3 and 4. 

bulk  conditions 
H,S side SO, side 

L 1 

1 * 10-2 1 * 10-'O 
1 " 10-2 

x, 1 * 10-~ 1 * I O - ~  

X xH2s * lo-lo 
so2 

x%o 1 * 10-2 1 * 10-2 

P &ara) 1.0 (Fig.  2 and 3) 1.0 
1.5  (Fig.  4) 

hydrodynamic  parameter 

membrane  Rarameters 

B. = 3 * 10-15  m  (dp = 1 pm) 2 

- -  E - 0.10 
?; 

membrane  thickness  3 mm 

Eauilibrium  constant  (Gamson  and  Elkins,  1953) 

%s"902 

= 0.924 * 10m6 * exp ( 1.274 * 104/T) * P5'8 

with P in  bar 

Table 2: Molar  fluxes  calculated for Figures  2  and  3. 

T =473 K 

H2S side 

5.  68*10" 

-8.61*10-8 

-6.68*10-5 

-3.44*104 

1.99*10-5 

SO2 side 

4.38*106- 

-2.  82*104 

3. 8 9 * d  

2.20*104 

1.99*10-5 

T=573K 

H2S side 

5.70*104 

-1.15*10-~ 

-6.  68*10-5 

-3.33*10" 

2.136*10-~ 

SO2 side 

4.31*10-5 

-2.75" 104 

3.20*10-5 

1.94"  10" 

2.86*  10-5 ' 
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In Figure 2 the  calculated  molar  fraction  profiles of this  simulation  are  presented. 

Figure 2: Molar  fraction  profiles at 473 K in absence  of a pressure  &&erenCe over the membrane 

location (a) ____b 

In Figure 2 it can be seen  that  there is a considerable  decrease of the  molar  fraction of H2S and 
S02 fiom the  bulk of the gas to  the  membrane  interface  and  therefore  mass  transfer  resistances  in 
the  gas phase are significant  and  cannot be neglected. As the  reaction  zone Ïs very  small in  Figure 
2, the  Claus  reaction  can  be  considered as almost  irreversible at these  conditions.  From  Table 2 it 
can  be  calculated  that  the slip of the  reactants  to  the opposing side is less  than 1% of the  molar flux 
of the  reactants  into  the  membrane. 

The influence of reversibility was investigated by means of a simulation, carried out at a 
temperature  of 573 K also in the  absence of a pressure  difference over the membrane.  Parameters 
used in this  simulation are similar  to  the  base  case  and  are  given in Table 1, The  calculated  molar 
fraction profiles  are  presented  in  Figure 3. 

Figure 3: Molar  fraction  profiles  at 573 K in absence of a pressure  difference  over  the  membrane 

0.0 0.2 0.4 0.6 0.8 1.0 
location (m) d 
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Molar  fluxes  calculated  are  given  in  Table 2. In  Figure 3 it can  be  seen  that at 573 K a  broad 
reaction  zone  exists  compared  to  the  situation at 473 K owing  to  the  fact  that  the  value of the 
equilibrium  constant  of  the  Claus  reaction is much  lower  and  therefore  reversibility  becomes  more 
important. The effect of reversibility is also reflected by the  slip of H$ which is 8% of the H2S 
molar flux into  the  membrane  as  can be calculated  from  Table 2, compared  to  less  than 1% in  the 
simulation at 473 K. Drawing  the  tangents of the  molar  fraction  profiles of H$ and S02 at  the 
membrane  interfaces  at  the  H2S  and S02  side  respectively, it appears  that  the  decrease of the 
gradients  of  the  molar  fraction  profiles,  and  therefore  the  reduction  of  the  molar  fluxes, by the 
reversibility  of  the  reaction  is  only  moderate. So despite  the  fact  that  reversibility  affects  the  molar 
fraction  profiles  and  the  slip of reactant  substantially,  the  molar  fluxes of the  reactants  into  the 
membrane  are  hardly  influenced. 

In order  to  study  the  influence of a  pressure  difference  over  the  membrane  a  simulation was 
carried  out  at  a  temperature of 473 K and  a  pressure  difference  over  the  membrane  of 0.5 bar  with 
the highest  pressure at the H2S side.  The  molar  fraction  profiles  are  presented in Figure 4. 

Figure 4 Molar  fraction  profiles  at  473 K in  the  presence of a  pressure  difference of 0.5 bar 

stagnant 
gasfilm 

f 0.01 

0.00 
0.0 0.2 0.4 0.6 0.8 1.0 

location (a) d 

Parameters  used are the  same  as  in  the  base  case,  and  are  given  in  Table 1. In Figure 4 it can  be 
seen  that  owing  to  the  pressure  difference  over  the  membrane,  the  reaction  zone is shifted  towards 
the low  pressure  side,  the  profiles  become  curved  and  the  molar  fraction of the  low  pressure  side 
reactant S02 at the  membrane  interface  drops  compared to the  situation  without  pressure 
difference. The curvature of the  molar  fraction  profiles  can  be  attributed  to  the  fact  that  two 
transport  mechanisms  occur,  viscous flow and  molecular  diffusion. As all H2S reacts  at  the 
reaction  zone,  the  total H2S molar  flux  left of the  reaction  zone is constant.  The H2S flux consists 
of  a  viscous  contribution  and  a  diffusive  contribution,  which  have  a  linear  dependence on the molar 
fraction of  H2S and  on  the  molar  fraction  gradient of H2S respectively. As the  molar  fraction of 
H2S decreases  from  the  interface  to  the  reaction  zone,  the  viscous  contribution  decreases.  To 
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maintain a constant total molar flux 0f H#, the &€fusive  contribution  must  increase,  resulting in 
m increase  of the absolute value of the molar fraction  gradient of H2S leading to  curved  profiles. 

wing to the fact that, when a pressure difference is applied,  the  presence  of a viscous flow 
through  the  membrane from the H2S side to the S02  side  facilitates EI2% transport  and  reduces 
SO2 transport,  resulting in a decrease of t.he interface  molar  fraction  of SOz, the  reaction zone is 
shifted toward the low  pressure  side in order  to  maintain  stoichiometry  between  the p%2S and S02 
molar  fluxes.  From  these  calculations, with parameters as given in Table 1, it can be concluded  that 
despite the pressure  difference of0.5 bar over the membrane  with a mean  pore  diameter of 1 pm, 
the reaction  zone  remains in the  membrane and therefore the gedormance of  the  membrane  reactor 
is not  affected. 

The  quantitative  effect of a pressure  difference  over the membrane on the  molar  fluxes  was  also 
investigated  and therefore simulations were carried out at a temperature of 473 K for  various 
pressure  difikrences. h Figure 5 the  molar flux of &S into  the  membrane at 473 K is presented  as 
a function  of  the  pressure  difference  over  the  membrane. 

Figure 5: Molar flux of H2S into  the  membrane as a function  of  the  pressure difference 

L m s  

-0-5 viscous 0.5 1 .o 
- 0.5 

C 

Parameters  used are given in Tab€e 1. In this figure>esides the  total  molar flux of H2S into the 
membrane also its different contributions, viscous  and diffusive, are given- Figure 5 shows a 
mïnbw for t.he total  molar flux of &S into  the  membrane. The occurrence of  this  minimum  can 
be understood if the  following  assymptotic  situations are considered. In case of a much  higher 
pressure on the H2S side, the H2S molar flux is mainly  determined  by viscous flow resulting  in a 
high  transport  rate of H2S. As long as the  pressure  difference is not  that  high  that  complete rnass 
transfer  limitation of SO2 from  the  bulk  of  the  gas  to  the  membrane  interface  occurs, the H2S and 
,902 molar  fluxes will k in stoickiometric  ratio  and  therefore  the t~ansport rate ~f S02  is also high. 
For the same reason the transport  rates  of H2S and S02 will be  high  in  case  of  the  highest  pressure 
on the SO2 side and a minimurn w2I exist at a moderate pressure difference over the membrane. 
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It seems  attractive  to  use  a  fixed  pressure  difference  over  the  membrane  as  the  molar  fluxes 
increase  substantially,  as  can  be  seen  in  Figure 5, resulting  in  smaller  membrane  area  required. A 
problem  in  this  case is however  the  transport of inert  gas  through  the  membrane which  results  in 
the  necessity  of  a  bleed strem which  will be contaminated  with  one  of  the  reactants.  Therefore  it is 
questionable  to  conclude  that  a  pressure  difference  over  the  membrane in order  to  reduce  the 
membrane  area  required  would  be  attractive. 

In  Figure 6 the  molar  flux  of  elemental  sulfur out of  the  membrane at the H2S side  membrane 
interface is presented  as  a  function  of  the  pressure  difference  over  the  membrane. 

Figure 6: Molar flux  of Ss out of the  membrane at the H2S side as a  function of the  pressure 
difference  over  the  membrane 

-0.5 o 0.5 1 .o 

Although it  is possible  to  transport  the  elemental  sulfur  preferentially  to  one  side of the  membrane, 
the  pressure  difference  required is quite  high,  which  may  result  in  large  amounts  of  inerts 
transported  through  the  membrane  with  the  problem  described  above. 

4 . Experimental verification 

Conversions of  H2S  and S02 have  been  measured  at  a  temperature of 549 K and  a  pressure  of 
1.5 bar in absence  of  a  pressure  difference  over  the  membrane.  The  membrane  used  was  obtained 
from  the  Netherlands  Energy  Research  Foundation ECN and  was  made  of  a-Al2O3  with a mean 
pore  diameter of 350 nm,  a  porosity  of 41 % and  a  thickness of  4.5  mm, impregnated with 
'y-Al2O3.  By varying  the  ratio of the flow of  H2S/N2  and  S02/N2  into  the  compartments of the 
membrane  reactor,  the  ratio of the  bulk  concentrations  of H2S  and S02 was  varied.  According  to 
the  principle of this  reactor,  this  should  result  in a shift  of  the  reaction  plane  in  the  membrane  as  the 
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ratio ktween the driving  forces for diffusion  of  the  reactants is varied. 
Although the Claus  reaction  generally  cannot be considered irreversible at 549 K, the  molar 

fluxes calculated using this assumption do not deviate substantially f h m  the results taking 
reversibility into account as was  shown by the numerical work studying the  influence of 
reversibility.  From  the  calculations it was  also  shown  that  very  small  pressure differences  over  the 
membrane  that  may  occur in the  experiments  (less  than 10 mm H20 in practice) c& be  neglected 
completely.  Therefore for the  interpretation  of  this  particular  system  an  instantaneous,  irreversible 
reaction in the  absence  of a pressure  difference  over  the  membrane  can be  assumed, for which  the 
molar  flux  of H2S is predicted  by  equation (25). 

with 6 ,  and 82 the  thickness  of  the  stagnant  gas film,at the membrane  interfaces 

andcxq3 andCS02  the  concentrations  in  the  bulk  of  the  gas 

Because the aim of  the  present  experimental  investigation is to  demonstrate  the  operation 
principle of this membrane reactor and  not  to  obtain exact values of the effective diffusion 
coefficients, mass transfer resistances in the  gas  phase,  represented in equation (25) by the 
denominator,  were  neglected for. convenience of  interpretation although their  totaI  contribution is 
estimated  to  be  between 25 and 30% of the total resistance.  The  denominator in equation (25) is 
therefore set equal to k and  dividing  by  the  bulk  concentration  of H$ then  results  in  equation (24). 

When  the  molar flux of &S, divided  by the bulk concentration of M2S, is plotted  as a function of 
the ratio of the bulk  concentrations  of S02 and H#, a straight  line  should  result. From the  slope 
and  the  intercept of this line the  effective  diffusion  coefficients of S02 and &S can  be  calculated 
respectively. 

In Figure 7 the molar flux of H2S divided by the  bulk  concentration  of pIZS is plotted  as a 
function  of  the  ratio  of  the buk concentrations  of S02 and H2S. To check  the  results  obtained,  the 
molar flux of H2S divided by  the  bulk  concentration  of S 0 2  is plotted as a function of the  ratio  of 
the buk  concentrations of H2S and S02 .  The agreement between the effective diffusion 
coe€fícients  obtained fiom these two methods of plotting is within 4%. 
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Figure 7: Conversion  measurements  at 549 K 
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The  values  of  the  effective  diffusion  coefficients  obtained  are: 

= 1.77 * 10 m /s -6 2 
D ~ 2 ~  eff 

= 2.13 * 10 m /s -6 2 
D ~ ~ 2  eff 

From  the  straight  lines  obtained  combined  with  reasonable  values  for  the  effective  diffusion 
coefficients for H2S and S02 it  is concluded  that  the  reaction  plane  shifts  through  the  membrane 
depending  on  the  driving  forces  for  diffusion of H2S and S 0 2  as  foreseen  by  the  theory. 

5 .  Conclusions 

A new  type of membrane  reactor  with  feeding  of  reactants from opposite  sides  is  presented  for 
processes  normally  requiring  strict  stoichiornetric  feed  rates of premixed  reactants.  The  features of 
this  membrane  reactor  are  shown  by  means of mathematical  modelling  of  molecular  diffusion  and 
viscous  flow  of  gases  in  the  membrane,  combined  with  an  instantaneous,  reversible  reaction  inside 
the  membrane. It  is concluded  that  mass  transfer  resistances  in  the  gas  phase may  be  important 
especially  when  a  pressure  difference  over  the  membrane is present.  It is demonstrated  that  a 
moderate  pressure  difference  over  the  membrane  does  not  affect  the  fundamental  operation of  this 
reactor. 

As a  model  reaction  the  Claus  reaction was selected  and by conversion  measurements  the 
principle  of a reaction  plane  inside  the  membrane,  shifting  as  a  function  of  the  driving  forces  of  the 
reactants, is demonstrated. 
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indices 

A 
B 
bulk 
c 
D 
dif 
eff 
int 

k 
ViSC 

membrane specific parameter 
concentration 
difFusion coefficient of component i 
Knudsen  diffusion  coefficient 
mean pore  diameter 
equation  number i on grid point number j 
distance  between two grid points 
mo1x flux of  component i 
equilibrium  constant 
mass  transfer  parameter  in  the  gas  phase (Di / 6) 
membrane  thickness 
nurnbe? of components 
pressure 
gas  constant 
reaction  rate of component i 
temperature 
variable  number i 
moIar hction of  component i 
coordinate  perpendicular to the  membrane 

thickness  of  the  stagnant  gas film 
porosity of the  membrane 
viscosity  of  the  gas 
stoichiometric  coefficient 
tortuosity of the  membrane 

component 
component 
bulk  of  the  gas 
component 
CQmponent 
diffusive 
effective 
membrane integace 
number of grid point 
viscous 
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Chapter 3 

SURFACE DIFFUSION OF HYDROGEN  SULFIDE  AND  SULFUR DIOXIDE IN 
ALUMINA  MEMBRANES  IN THE CONTINUUM  REGIME 

Abstract 

Surface  diffusion  of H2S and SO2 in  alumina  membranes  with  an  average  pore  diameter of 
about 350 nm,  impregnated  with  y-Al203, is studied  as  a  function of pressure at temperatures 
between 446 and 557 K. Diffusion  through  the gas phase in the  pores of  the  membrane  almost 
entirely  takes  place in the  continuum  regime.  The  pressure  dependence of transport by diffusion 
through the gas  phase  and  by  surface  diffusion is different,  a fact which is used for the 
interpretation  of  the  steady  state  diffusion  measurements. It is observed  that  the  contribution of 
surface  diffusion  to  the  total  diffusion  through  the  membrane  can  be  as  high  as  about 40%. The 
surface  diffusion  data  obtained  are  interpreted by a  theoretical  surface  diffusion  model  using  two 
parameters  to be fitted,  the  product of  the  effective  surface  diffusion  coefficient,  the  concentration 
of the  adsorption  sites  and  the  adsorption  parameter as well  as  the  adsorption  parameter  itself.  The 
parameters  fitted  for SO2 show  a  remarkable  change  between 498 and 525 K which  probably  may 
be  attributed  to  a  change in the  adsorbed  species  also  reported  in  literature.  The  parameters  fitted 
for H2S at different  temperatures  show  a  maximum,  however,  the  product of the  effective  surface 
diffusion  coefficient  and the concentration  of  the  adsorption  sites  increases  with  temperature. 



A novel  type of membrane  reactor  has  been  developed in which the membrane is not  used  to 
separate  components  but  to  keep  reactants  separated from eachother  (Sloot  et. d.? 1990). The 
reactants  are  fed  to  opposite  sides of a porous  membrane  and  diffuse  into  the  membrane from  either 
side.  Therefore in principle no pressure  difference is applied  over the membrane  contrary  to  the 
usual application of membranes. The membrane  contains a catalyst, or is catalytically  active by 
itself, for a heterogeneously  catalyzed  chemical  reaction  between  the  reactants.  Provided  that  the 
rate of the  reaction is fast compared to the diffusion rates of  the reactants the  process  will  be 
diffusion h i t ed .  A reaction  zone  which is small  compared  to  the  membrane  thickness  will QGCW 

inside  the  membrane  leading  to a reaction  plane in case of  an  instantaneous  irreversible  reaction. 
The location of the reaction  zone inside the membrane will be  such  that  the  molar fluxes of the 
reactants are in stoichíometric ratio. If the concentration  of  one of the  reactants for some  reason 
changes this will automatically  result in a shift of the  location of  the reaction  zone  until  the  molar 
fluxes  of  both  reactants are in stoichiometric ratio again.  Finally  the  products  will  diffuse  out  of  the 
membrane  to both sides. 

As a model  reaction the Claus  reaction  (Mark  et. al., 1983) is used  to  study  this  membrane 
reactor. 

The  membrane  used is made of a-Al203 with a mean pore  diameter of about 350 nm  impregnated 
with y-AlzO3, a well known catalyst for the  Claus  reaction. 

The  molar  fluxes  of  the  reactants  into  the  membrane  can  be  calculated  assuming  an  instantaneous 
irreversible  reaction  inside  the  membrane  and  neglecting  mass  transfer  resistances in the  gas  phase 
outside  the  membrane.  The  transport is based  on  the  combination of  Knudsen  and  continuum 

. diffusion through the  gas  phase in the  pores of the membrane.  The  calculation of the  molar  fluxes 
requires  knowledge  of  the  mean  pore  diameter  and  the  porosity-tortuosity factor of  the  membrane. 
As a result of the  assumptions  the  molar  fluxes-  calculated are the  highest  possible  provided  that 
diffusion through the gas  phase in the  pores of the  membrane is the only transport mechanism. 
Conversion  measurements at  a temperature  of  549 K in the  absence of a pressure  difference  over 
the  membrane?  however,  resuIted in effective  diffusion  coefficients of H2S and SO2 that  seemed  to 
k high  compared  to  the  continuum  diffusion  coefficients  calculated  from  gas  kinetic  theoIy  (Sloot 
et,  al.,  1990). Possibly an additional transport  mechanism  takes place probably  being  surface 
diffusion. In order  to  verify  the  Occurrence of surface  diffusion of H2S and S02 in the membrane 
steady state diffusion  measurements, in the  absence of a pressure  difference  over  the membrane, 
were carried out that  are  discussed in the  present  study. 
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2. Theory 

Transport  owing  to  the  combination of diffusion  through  the  gas  phase in the  pores of the 
membrane  and  surface  diffusion is studied  in  the  steady  state  using  ceramic  membranes  with  a flat 
sheet  geometry.  The  total  transport  in  the  absence of a  pressure  difference  over  the  membrane of 
component i owing to the  combination  of  diffusion  through  the  gas  phase  in  the  pores of the 
membrane  and  surface  diffusion is described  by  equation (2) assuming  cylindrically  shaped  pores. 

4 
Ji, tot = Ji, gas + Ji, surf 

dP 

The geometric  factor 4/dp in equation (2) arises from the  fact  that  transport  owing  to  diffusion 
through the gas  phase  in  the  pores is proportional  to  the  cross  area of the  pores,  therefore 
proportional to dp2,  whereas  transport  owing to surface  diffusion is proportional  to  the 
circumference  of  the  pores,  therefore  proportional  to dp. The  molar flux of component i through 
the  gas  phase in the  pores  of  the  membrane is described by Fick's  law  (equation (3)) using  the 
Bosanquet  formula for the combination  of  Knudsen  and  continuum  diffusion by the  principle of 
resistances  in  series. 

1 1 1 
with - - - + - 

The  Knudsen  and  continuum  diffusion  coeffkients D o i , ~  and DOi, inert are  calculated  from  the  gas 
kinetic  theory  (Reid  et. al., 1977).  The  porosity-tortuosity  factor &/z of  the  membrane  is  determined 
by permeation  measurements  with  a  pure  gas. 

Surface  diffusion is also described by Fick's  law  as  presented  by  equation (4). 

In equation (4) CS is the  total  concentration  of  adsorption  sites  on  the  surface  (mole/m2)  and Bi the 
fkaction  of  the  adsorption  sites  occupied  by  component i. Assuming  that  the  adsorption  and 
desorption  kinetics  are fast compared  to  the  transport  rates  of  component i through  the  pore  and 
assuming  a  Langmuir  adsorption  isotherm, €li can  be  calculated by equation (5)  in which  bi is the 
adsorption  parameter. 
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bi P xi 

*i 1 + bi P xi 

Substitution  of  equation (5) in equation (4) yields  the  expression for the molar fIux owing  to 
surface diffusion as a function of the driving force in the  gas phase in the  pores  presented in 
equation (6). 

From literature (Smith  and  Metzner, 1964, Gilliland et. al., 1974) it  is known  that  the 
adsorption  parameter bi as  well  as  the  surface  diffusion  coefficient Di, swf depends on the  fraction 
of the adsorption sites occupied by component i, ei7 owing to the fact that there usually is a 
distribution  function  of  the  heat  of  adsorption  instead  of a single  value. As the  adsorption  sites  with ... 

a high  heat  of  adsorption  are  occupied  preferentially, an increase of 8i results in a decrease of  the 
average heat of adsorption of  the  remaining  not-occupied adsorption sites. This results in a 
decrease of the adsorption  parameter bi for these  sites  but at the  same  time in an increase of the 
mobility  represented by Di, €or these  sites.  There€ore  the  product  of  bi D;, is rexgected  to  be 
relatively  independent  of  the  fraction  of  the  adsorption  sites  occupied  by  component i, 8;. 

Substitution of equations (3) and (6) in equation (2) results in the final expression for combined 
diffusion. 

Integration Of equation (7) results  in  equation 18). whiFh can b.e ..used-for the interpretation of 
experimental data. 

h equation (8) Xi, kt 0 and Xi, b t ~  represent  the molar fractions of component i at the  membrane 
inter€ace at z=O and z=L respectively.  Mass  transfer resistances in the gas phase outside  the 
membrane, couphg the  molar  fractions at the  membrane  interfaces  to  the  molar fractions in the 
bulk of the gas, are taken  into  account by equations (9). 
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P - 
Ji, tot - kg m ( "i, bulk o - xi, int O ) 

P - 
Ji, tot - kg m ( xi, intL - x  i, bulk L ) 

If the  pore  diameter  of  the  membrane is sufficiently  large  and  the  pressure is sufficiently  high, 
diffusion  through  the  gas  phase is taking  place in the  continuum  regime.  The  effective  diffusion 
coefficient  Di, gas, eff is therefore  equal  to  the  effective  continuum  diffusion  coefficient  which is 
inversely  proportional  to  the  pressure  and so the  first  term in the  right hand side of equation (8) is 
independent  of  pressure. The second  term in the  right  hand  side of equation (8), representing 
transport  owing  to  surface  diffusion,  however, is linearly  dependent on 'the  pressure,  provided  that 
the  fraction  of  the  adsorption  sites  covered  by  component i is relatively  low.  This  difference in 
pressure  dependence  can be used  to  discriminate  between  both  transport  mechanisms. 

Rearrangement of equation (8) results  in  equation (10). 

4 eff 
d Di, s ~ r f  bi 'S 

Jiy tot L eff P - P * P (10) 
X i, int O - 'i, int L - Digas=  - (1+biPx iy in t0 ) ( l+b iPx iy in tL)  

The left hand  side of equation (10) is plotted  as  a  function of pressure.  This  should  result  in  a 
straight  line  through  the  origin,  the  slope  being  equal  to  (4/dp)  Di, bi CS provided  that  the 
fraction  of  the  adsorption  sites  covered  by  component i is relatively  low. If  the  product  in  the 
denominator  of  equation (lO), (1 + bi P xi, int 0) (1 + bi P xi, int L), is not  close  to  unity  this  will 
result in a  downward  deviation of  the  straight  surface  diffusion  line  at  higher  pressures. 

In porous  media  usually  a  distribution  function  of  the  pore  diameter of  the  membrane is present. 
It has  to  be  determined  whether  this  distribution  has an influence  on  the  overall  molar  fluxes  that 
will be determined  by  experiments.  According  to  literature  (Cui  et.  al.,  1990)  the  standard  Johnson 
and  Steward  effective  diffusion  coefficient  from  steady  state  diffusion  measurements  must  be 
calculated í?om equation (1 1). 

In equation (1 1) f(dp)  represents  the  volume  fraction of pores  with  a  diameter  equal  to d,. In  the 
derivation of equation (1 l), using  the  parrallel  pore  model, it  is assumed  that  the  tortuosity of  the 
pores is independent of the pore diameter.  Using  the  parrallel  pore  model  results in the  maximal 
possible  influence  of  the  pore  size  distribution  on  the  molar  fluxes  and  this  therefore  can  be 
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regarded as a conservative  approximation. 
The distribution function of the gore diameter of the impregnated  membrane was  measured 

using  mercury  porosirnetry and is presented in Figure 1. 

Figure 1: Distribution  function of the  pore  diameter of the  impregnated  membrane 

* 

dp * log (m) 

As the  determination ofthe distribution  function of  the  pore  diameter  takes place with  only a small 
part of the  membrane as a sample, it was checked  whether this distribution  function is constant 
over  the  entire  membrane.  Therefore this measurement  was also carried out with  another  sample of 
the  same  membrane. The  agreement of the  average  pore  diameters  calculated from both  distribution 
functions was within 3%. The average  pore  diameter  of  the  membrane  based on the  pore  area is 
309 nm and  based on the  pore  volume it  is 322 nm, calculated  by  equations  (12). 

P * F, 

- 2  arid 1 volmneaveraged:  (d ) = j dp s ddp 
P 

h the continuum regime in the presence of surface  diffusion  the overall effective  diffusion 
coefficient as a function of the pore diameter  can,  according  to  equation (7), be presented by 
equation  (13). 

eff “2 Di (dp) Cl + - 
% 



Substitution  of  equation (13) into  equation (1 1) results in the  expression  that  must be  used  to 
calculate the average  pore  diameter for the  combination of continuum  diffusion  and  surface 
diffusion. 

From  equation  (14)  an  average  pore  diameter  of 256 nm is calculated.  This  average  pore  diameter 
has  to  be  used  in  the  factor  4/dp in equation  (10). 

3 .  Experimental setup 

The experimental  setup  used  to  measure  molar  fluxes  through  the  membrane is presented 
schematically in Figure 2. 

Figure 2 Experimental set up 

Hydrogen  sulfide in nitrogen or sulfur  dioxide in nitrogen is fed by a  mass  flow  controller  to  the 
membrane reactor  to  one  side of the membrane  and  nitrogen is  fed by a  mass  flow  controller  to  the 
other  side of  the  membrane. The  reactor is made of stainless  steel  and  consists of three  parts,  the 
upper  chamber, a membrane  holder  and  the  lower  chamber  kept  together by  bolts.  Both  reactor 
chambers are well  stirred  and  considered  to be ideally  mixed  to  simplify  the  interpretation.  The 
reactor is heated by an electric  oven  and  the  temperature in the  reactor is controlled.  The  exit  stream 
of the  reactor  at  the  nitrogen  side  of  the  membrane  contains a mass  flow  controller.  This  mass  flow 
controller is used  to  keep  the flow at  the  nitrogen  side of the  membrane  constant  which  results  in  a 
pressure  difference  over  the  membrane of  zero.  In  order  to  check  the  pressure  difference  over  the 
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membrane a U-tube containing coloured water  connects the two inlet streams just before the 

reactor. The pressure in the reactor is controlled by a flow regulator in the exit stream at the 

hydrogen  sulfide in nitrogen side of the membrane. The exit stream at the nitrogen  side of the 
membrane containing hydrogen sulfide  is analyzed by gas chromatografy using a flame 
photometric  detector.  The  column  used is a ChromosiB c o ~ m  operated at a temperature  of 323 R. 
h Figure 3 the sealing of the  membrane in the stainless steel  holder is presented  schematically. 

3: Sealing of the membrane in the  holder. 
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The  membrane  holder  contains  successively a seaIing ring made'of  Fluorescent@,. a mica  reinforced 
teflon@,  the  membrane, a second  sealing ring, a pressure ring and a ring  containing  three  bayonet 
catches by  which it is connected  to  the stainkss steel holder. This ring contains  six 2 mm  screws 
that, after turned on are pressing on the pressure ring which is used  to distribute the  pressure 
exercised  over the sealing ririg. The membrane  holder is connected  to  the H2S and SO2 chambers 
by  bolts on the  outside, for the  sealing  between  these  compartments  Fluorescent@ rings are used 
again. 

The membranes  used were obtained  from ECN, Petten  and  were  made of a-Al203 and  had a flat 
sheet  geometry with a diameter  of 55 mm and a thickness of about 5 mm. These  membranes  were 
impregnated  with a saturated  solution  of  aluminum  nitrate  with  ureum in water.  After drying and 
calcining at 700 K for 2 hours ~ - 4 2 0 3  was obtained, the  amount  impregnated  was  of  the  order o€ 
4.5 %-wt. 

Measurements  were carrid out in the  steady  state  and  the time required  to  obtain  the  steady  state 
was of the order of 1 to 1.5 hours,  the first measurement of  each day requiring 3 to 4 hours to 
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stabilize  the  system. 
From  the  analysis  the  bulk  concentration  of  hydrogen  sulfide at the  nitrogen  side,  which  has 

' diffused  through  the  membrane, is determined  and  with  the  flow of  nitrogen  the  molar  flux  of 
hydrogen  sulfide  times  the  membrane  area is calculated.  The  bulk  concentration of hydrogen 
sulfide at the  high  concentration  side of the  membrane  is  calculated  from  an  overall  mass  balance. 
This  balance  was  checked by analysing  both  exit  streams  together  and  the  agreement  was  always 
within 0.5%. As the  molar  flux  of  hydrogen  sulfide  times  the  membrane  area  was  at  least  20% of 
the  flow  of  hydrogen  sulfide  into  the  reactor  the  accuracy of  the  molar  flux  of  hydrogen  sulfide  or 
sulfur  dioxide  measured,  based  on  the  agreement of  the  overall  mass  balance,  was  always  within 
2.5%. The  reproducibility  of  the  measurements  was  always  within  a  few  percent. 

4 .  Determination  of the porosity-tortuosity factor, &/z, of the membrane 

In order  to be able  to  subtract  the  molar  flux  through  the  gas  phase  in  the  pores of  the  membrane 
from the  experimentally  determined  molar  fluxes  the  porosity-tortuosity  factor, &/T, of the 
membrane  has  to  be  determined.  The  porosity-tortuosity  factor of the  membrane is measured by 
permeation  measurements  with  a  pure,  non-adsorbing  gas.  These  permeation  measurements 
consisted of forcing  a  pure  gas  through  the  membrane  and  measuring  the  pressure  drop  over  the 
membrane  as a function of the  flow  through  the  membrane  and  the  average  pressure. 

The transport  through  the  membrane is in this  case  caused by the  combination  of  Knudsen 
diffusion and viscous  flow  and is presented by equation  (15)  (see e.g.,  Mason  and  Malinauskas, 
1983). 

Integration of equation (15) results in equation  (16). 

The  average  pressure  in  equation (16) follows  directly  from  the  integration  and  therefore  it  is  not 
necessary  to  have  a  pressure  drop  over  the  membrane  that is small  compared  to  the  pressure  itself. 

Plotting Ji / AP as a function of  the  average  pressure  should  result  in  a  straight  line.  Both  from 
the  intercept  and  from  the  slope of this  line  the  porosity-tortuosity  factor of the  membrane  can  be 
calculated. In order  to  check  this  experimental  technique  permeation  measurements  were  performed 
both  with  nitrogen and with  helium at a  temperature  of 533 K and  using  the  impregnated 
membrane. In Figure 4 the  results of nitrogen  and  helium  are  plotted  according  to  equation  (16). 
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Figure  4:  Permeation  measurements with N2 and He at a temperature  of 533 K. 

I:$1 
.From  the intercept and the slope of the lines in Figure 4 the effective Knudsen  diffusion 

CoeEcient Di, K, eff and  the  membrane  parameter B, are, calculated  respectively,  both for helium 
and for nitrogen.  Viscosity data required in the  calculation  were  obtained  from  literature (Landolt 

- Börnstein,  1969). h Table 1 the  results for the  parameters  are  given for helium  and for nitrogen. 

Table 1: Parameters  determined  fkom  the  permeation  measurements at 533 K. 

Before  calculating  the  porosity  tortuosity  factors fkom the data in Table 1 the  results obtained for 
He are compared with those obtained for NZ. The values' of 'B;, being a mèmbrane  specific 
parameter,  see  equation  (15),  determined  with  helium  and  nitrogen  should be identical.  From  Table 
1 it can be  concluded  that  the  values  agree within 3%.  The  ratio  of  the  effective  Knudsen  diffusion 
coefficients  determined for helium  and  nitrogen  should be equal  to  the  inverse of the  square root of 
the  ratio of the  molar  masses  of  helium  and  nitrogen  as  can be seen kom equation (15). Comparing 
the  experimentally  determined ratio of the  effective  Knudsen diffusion coefficients of 2.473 with 
the  theoretical ratio of 2.645 the  agreement  appears  to be good as the  deviation is about 4.5%. 
Therefore from the  results  of  the  measurements  with  helium and nitrogen it can  be  concluded  that 
this technique  can k used to detemine the  characteristic  membrane  parameters. 

From  the effective Knudsen  diffusion  coeficient  and fiom the value ofB, the  porosity-tortuosity 
factor  of  the  membrane E/Z can be calculated,  see  equation (15). As viscous  flow is propolaional to 
dp2 the average  pore  diameter to be  used in the  calculation of €/'G from B, is the  volume  averaged 
pore  diameter, 322 nm. However in the  calculation  of &/z from the effective Knudsen  diffusion 



coefficient  the  area  averaged  pore  diameter,  309  nm,  must be used  as  Knudsen  flow is proportional 
to  dp.  The  values  of  the  porosity-tortuosity  factor d z  calculated  are  given in Table 2. 

Table 2: Porosity-tortuosity  factor E/% of the  membrane. 

average 

0.099 0.096 

- (fromB,)  0.074 0.072 0.073 

From  Table 2 it can be concluded  that  the  porosity-tortuosity  factor, E/%, of  the  membrane 
determined from the  viscous  flow  parameter B, is about 24% lower  compared  to  the  value 
determined  from  the  effective  Knudsen  diffusion  coefficient. A possible  explanation is the  use  of 
the  parallel  pore  model  whereas  in  practice  the  distribution of  the  pore  diameter  can  very  well  be 
located  in  the  individual  pores. As the  membrane  parameter B, is proportional  to  dp2  whereas  the 
effective  Knudsen  diffusion  coefficient  is  proportional  to  dp  an  obstruction  inside  the  pore  having  a 
smaller  pore  diameter  reduces  viscous flow more  effectively  than  Knudsen  diffusion. So the 
porosity-tortuosity  factor, &/'G, of  the  membrane  calculated  from B, is reduced  more by the 
occurrence of an obstruction  inside  the  pore  compared  to  the  porosity-tortuosity  factor  calculated 
from  the  effective  Knudsen  diffusion  coefficient. 

Because  in  the  diffusion  measurements  transport is caused  by  diffusion  processes  and  not by 
viscous  flow, as there is no  pressure  difference  over  the  membrane,  the  porosity-tortuosity  factor 
E/% determined  from  the  effective  Knudsen  diffusion  coefficient  will  be  used  in  the  interpretation of 
the  diffusion  measurements. 

5 .  Determination of the mass transfer  parameter in the gas  phase kg 

For  the  interpretation of  diffusion  data,  the  difference  in  the  pressure  dependence of diffusion 
through  the gas phase  in  the  pores of  the  membrane  and  surface  diffusion is used.  Therefore it  is 
important  to  interpret  the  measured  data  using  the  correct  pressure  dependence  of  the  mass  transfer 
parameter in the  gas  phase, kg, outside  the  membrane.  The  mass  transfer  parameter, k,, as  a 
function of pressure  and  temperature  can  usually  be  described by a  Sherwood  (Re,  Sc)  relation  as 
presented in equation (17). 

Sh = C, + C, Rem  Sc" (17) 

Values of m  and  n  in  equation  (17)  as  reported  in  literature,  determined  in  gas-liquid  systems in 
stirred  cells  with  a  smooth  interface,  are  m=2/3  and  n=1/2  (Versteeg  et. al., 1987). For these 
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gas-liquid  systems it appeared  that  constant C1 is negligible.  From  equation  (17)  and  these  values 
of m md n the  dependency  given in equation (18) is calculated- 

Since  the  difference between  the  continuum  diffusion  coefficients at atnnosferic pressure of  H2S 
and S82  in N2 is about 30%, the kg values for H2S and S02 will differ only  about 15%. The 
influence  of  the  temperature on kg in the  range of 450 Kt0 550 K where  diffusion  measurements 
were  performed, is limited  t0 a b u t  5%, according  to  equation  (18). The difference of the kg value 
between a pressure of 105 and 6*1@ Pa, however, is about 50 % according  to  equation  (18). 
Therefore,  and  to  determine  the  value of the  constant C2 in equation  (17),  kgmeasurements  were 
gerfomed as a function  of  pressure in the  experimental  setup  used for diffusion  measurements. 

The mass transfer parameter in the gas  phase  outside the membrane, kp was  measured  by 
performing  conversion  measurements  with H2S and S02 at a temperature of 534 K. H2S in N2, 
with a H2S molar fraction of 0.03, and S02 in NZ,  with a molar  fraction of S02 of  1500  ppm,  are 
fed to  opposite  sides of the  porous  membrane,  Both  reactants  diffuse though the  stagnant  gas  film 
outside  the membrane into the membrane  and react  very fast resulting in a very  small  reaction  zone 
as was  pointed out in the  introduction.  Owing  to  the  high molar fraction  of  H2S  the  location  of  this 
reaction  zone is entirely  shifted  towards  the  membrane  interface at the S02  side and  mass  transfer 
limitation of SQ2 in the  gas phase  outside  the  membrane  occurs.  In  this  situation  slip  of H2S to  the 
opposite  side of the  membrane  occurs.  From  the  determination of the  conversion of SO2 the  mass 
transfer parameter kg is calculated as a function of pressure. To check  whether  the kg values 
obtained are independent of the  flow  rate of the  mixture of S02 and  NZ,  this  flow  rate  was  varied. 
Mo influence on &e kg values  calculated  was  observed. In Figure 5 the mass  transfer  parameter kg 
is given as a function of pressure. During these  experiments  the  stirrer  speed  was  kept  constant at 
the same value as used in the diffusion measurements. 

Figure 5: Mass  transfer in the gas phase  outsÏde  the  membrane  as a function ofpressure 



The  mass  transfer  parameter  kg  as  a  function  of  the  pressure  P  can  be  described  by  equation  (19). 

Except  for two data all experimentally  determined  kg-values  can  be  described  according  to  equation 
(19)  within 15%. The  agreement  between  the  pressure  dependence of kg  determined,  -0.16, and 
literature  data  (Versteeg  et. al., 1987), - 1/3, is reasonable.  The  kg  data  given by equation  (19)  are 
used in the  interpretation  of  the  diffusion  measurements. 

6 .  Results  from  diffusion measurements 

Diffusion  measurements  as  a  function  of  pressure  were  performed  both  with H2S and  with S02 
at temperatures  between 450 K and 550 K. The  interpretation  of  the  diffusion  data  was  performed 
according  to  equation  (10). An example of the  figures  obtained is given in Figure  6 for S 0 2  at  a 
temperature  of 548 K. 

Figure 6: Diffusion  data  of S02  as  a  function  of  pressure  at  a  temperature of 548 K. 
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From  Figure 6 it  can be seen  that  there is a  substantial  difference  between  the  transport  expected 
on the  basis of only  diffusion  through  the  gas  phase in the  pores of the  membrane and  the 
experimentally  observed  transport;  the  difference  amounts  to 60 to 80% based  on  gas  phase 
diffusion.  From  the  fact  that  the  line  representing  gas  phase  diffusion is not  entirely  independent of 

53 



the  pressure it can  be  concluded  that  the  experiments  performed  at  these  lower  pressures  are  not  yet 
completely in  the c o n h u m  regime.  Subtraction of the transport through  the gas phase in the 
membrane from the experimentally  determined transprt. gives  the  contribution of stuface  diffusion 
(see  equation (10)). The line representing  surface  diffusion,  which  according  to  equation (10) 
should  pass  through &e origin, is not  straight  but  curved,  Apparently  the  denominator in the 
surface difiksion t e m  in equation (10) plays  a role meaning  that at the highest  pressures  the 
fraction of the  adsorption  sites  covered by S02 is not negligibly  small. As the  curvature is caused 
by the adsorption  parameter bi the  data can be used to determine both the  product Di, S bi CS and bi 
by a  two-parameter fit of  the  experimental  data.  Chosing  values for the  product Di, S bi CS and bi, 
theoretical  values  of  the  surface  diffusion  contribution  term of equation (KI), SDCheor-, can  be 
calculated  as a function of pressure  from  equation (20) and  compared with the experimental  values, 
$DCexp-, presented  by  equation (21). 

The  parameters Di, S bi CS and  bi are fitted  minimizing  the  cumulative  relative  deviation  function, 
CD, between the suface diffusion  model  and  the  experimental  data by the  expression given in 
equation (22). 

Successively  now the data  obtained for S02 and H2S are  discussed. 

h Table 3 the fitted parameters for S02  are presented at different  temperatures, also the 
calculated  value  of  the  product Di, S CS and the average  relative  deviation  between  the  theoretical 
surface  diffusiQn  model and the  experimental data are  given. A graphical  comparison of the 
experimental  surface  diffusion  data  and the theoretically fitted data  as a function of pressure at 
afferent temperatures iS given the appendix. 
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Table 3: Surface  diffusion  parameters  of S02  at  different  temperatures 

T I D;Fs bicS * lol7 I bi* 103 

447 I I -o-o1 
473 

498 

525 

548 

0.65 

0.74 

1.50 

1.3 1 

-0.01 

0.1 1 

1.36 

0.90 

~ : f f~ Cs * lol4 

(F) 

1.10 

1.46 

average  relative 

deviation 4: 
0.033 

0.088 

0.022 

0.062 

0.058 

From  Table 3 it can  be  seen  that  the  parameters Di, s bi CS and bi fitted  can be  divided  into  two 
groups,  the  data at temperatures of 447,473 and  498 K and  the  data  at 525 and  548 K. The  surface 
diffusion data within  these  two  groups  of  temperatures  are  reasonably  constant  but  there  is a 
remarkable  difference  between  the  two  groups  of  data.  From  a  change  of  the  temperature  of  498  to 
525 K the  fitted  adsorption  parameter, bi,  increases  suddenly  by  about  a  factor  of  10  whereas  the 
value  of the product  Di, s bi CS increases by about a factor of 2. The  values of the  product  Di, s CS 

are only  presented at the  two  highest  temperatures  as  only  in  that  situation an acceptable  accuracy 
of  the  adsorption  parameter bi is present. 

Studies in literature  concerning  the  adsorption of S02 on y-Al2O3 reveal  that  there  are  different 
adsorbed  species,  physically  adsorbed S02 and  a  weakly  chemisorbed S02- anion @eo and Dalla 
Lana,  1971,  Ono  et.  al.,  1977,  Karge  et. al., 1984,  Chang,  1978).  Ono  et.  al.  (1977)  studied  the 
formation of S02- anions  on y-Al2O3 as  a  function  of  temperature  using  electrospin  resonance  and 
found  a  maximum  in  the  amount of S02- anions at a  temperature  of  513 K of  approximately 10 
percent of the S02 adsorbed.  Karge  et.  al.  (1984)  reported  also  a  sudden  decrease of the  relative 
amount  of S02- anions,  however,  at a higher  temperature  between 550 and 650 K. Chang  (1978) 
measured  adsorption  isotherms of S02 on y-Al2O3 and  found  a  gradual  decrease  in  the amount of 
SO2 adsorbed in a  temperature  region of 298 to 773 K which is in contradiction  to  the  increase of 
the  adsorption  parameter bi  between  498  and 525 K as  presented  in  Table  3.  Deo  and  Dalla  Lana 
(1971)  studied the adsorption  of S02 on 'y-Al2O3 using  infrared  spectroscopy  and  reported  a 
remarkable  change  in  the  infrared  absorption  spectra  between  473  and  573 K. The  absorption  band 
at  1685 cm-l, observed  at  temperatures  up  to  473 K, has  disappeared  at  573 K and  absorption 
bands at 1440  and  1570 cm-l, that  hardly  occur  up  to  473 K, are  much  stronger at 573 K. This 
indicates  that  at 573 K a species  is  present  which  was  not  present  at  lower  temperatures. 

Although  the  change in surface  diffusion  behaviour of S 0 2  reported  in  Table  3  cannot  be 
explained  with  the  results  from  literature  concerning  the  nature of adsorbed S 0 2  it is likely 
connected  to  the  change  in  the  relative  amount of some  chemisorbed  species. 
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From  the  adsorption  isotherms  measured  by  Chang  (1978)  the  adsorption  parameter  can be 
calculated, @hang distinguishes two types of adsorbed S 2, a chemisorbed species  and a 
physically  adsorbed  species.  From  the  total mount of SO2 adsorbed,  consisting  of both physically 
adsorbed  and  chemisorbed S02, an  adsorption  garameter bi  of 1.l*lO-3 Pa-1 can be calculated 
kom his data  at 473 K for a partial pressure of S02  of 133 Pa whereas kom the amount of 
physically adsorbed S 0 2  only a value of 8*lO-5 Pa-l can be calculated, These  values  are in 
reasonable  agreement  with  the data presented in Table 3 and  indicate  that  the  chemisorbed  species 
in the present situation is only  present at higher temperatures. Gilliland et. al. (1974)  reported 
surface  diffusion  coefficients of S02 in porous  glass  and  porous  carbon,  At a temperature  of 288 
K they  reported  values ofthe surface  diffusion  coefficient ofS02 between 5W-9 and  2*10-* m2/s 
depending  on  the  heat of adsorption. The activation  energy of surface  diffusion  they  found  was  27 

. H/mole. To calculate  the  surface  diffusion  coefficient of S82 from  the data presented  in  Table  3, 
the total concentration of adsorption  sites, CS, is estimated by equation (23) which is based on 
monolayer  coverage  (Gilliland  et.  al.,  1974)- 

area/molecule = 1.09 ( rn / p ) 213 
(23) 

In equation  (23) m  is the  molar  mass  and p the  density  of  the  adsorbate as a saturated  liquid. 
From  equation (23) a value of CS of 9310-6 mole/m2 is calculated.  From Table 3 an  effective 
surface a s i o n  coefficient  of s02 of about 1*10-9  m2/s results.  Using  the  porosity-tortuosity 
factor of the  membrane of 0.096 a surface  diffusion  coefficient of SO2 of  1*10-8 m2/s results 
which is of  the  same  order  compared  to  the  values  reported in literature by  Gilliland  et. al. (1974). 

To determine eke influence of the  mass transfer parameter in the gas  phase outside the 
membrane, kg, on the  interpretation of the  diffusion  measurements,  equation (18), two additional 
fits were  performed.  'One fit uses  values for kg that are increased by  50%  and the other fit uses a 
dependence  of kg of the  pressure P of the  power  -1/3 as found in literature  (Versteeg  et. al., 1987). 
In the last case the constant was adjusted  to give the  same kg values at an  average  pressure of 0.5 
W a .  In the first situation, using a 50% higher kg, the  parameters Di, S bi CS and bi fitted were 
only 4 to S.% lower.  Lower  values are expected as the  decrease of the mass transfer  resistance  in 

. the  gas  phase  outside ihe membrane  results in an increase of  the driving  force  over  the membrane 
itself  and as a result a larger  part of the  experimentally  observed  molar flux is ascribed  to  diffusion 
through  the  gas  phase in the  pores  of  the  membrane, In the  second  situation, a different  pressure 
dependence of kgg, the s d a c e  diffusion parameters fitted deviated  less  than 1% compared to those 
presented in Table 3. Therefore  the exact relationship  giving kg as a function  of  pressure is not 
very important for the  interpretation  of  surface  diffusion data in the  system  used. 

Diffusion  measurements  of H2S through the  membrane  as a function of pressure  were  carried 
out at  temgerames between 446 and 557 K. The contxibution of  surface diffúsion was cdculated 
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in the  same way as  described  before.  The  surface  diffusion  parameters  Di,s CS bi  and  bi  were  fitted 
from  the  data  and  the  results  are  presented in Table 4. 

Table 4: Surface  diffusion  pararneters of  H2S at different  temperatures 

T 

( K >  

446 

484 

521 

557 

DYffs  bi cs * lol7 

(g3 

0.93 

1.28 

1.60 

0.94 

b, * 103 

(Pä1) 

0.75 

1.25 

1 .o0 

0.5 1 

Cs * lol4 

(F) 
1.24 

1 .o2 

1.60 

1.84 

average  relative 

deviation 

0.074 

0.058 

O. 123 

0.08 1 

From  Table 4 it seems  that  both  the  product  Di,s CS bi and  the  adsorption  constant  bi show  a 
maximum  as  a  function  of  temperature  whereas  the  product  Di, S CS increases  with  temperature.  A 
graphical  comparison  of  the  experimental  data  and  the  theoretical  data  predicted  using  the  fitted 
parameters is given in  the  appendix. 

7. Conclusions 

It  is demonstrated  experimentally  that  surface  diffusion of H2S and S02 in an  alumina 
membrane  with  an  average  pore  diameter of 322  nm,  impregnated  with  y-Al203,  can  contribute 
substantially  to  the  transport  rate.  Moreover, for this  system it  is of almost  the  same  order of 
magnitude  as  the  transport  caused by ordinary  diffusion  through  the  gas  phase  in  the  pores.  Owing 
to  the  large pore diameter  diffusion  through  the  gas  phase  in  the  pores of the  membrane  is 
determined  almost  completely by continuum  diffusion  and  the  molar  flux is therefore  independent 
of  pressure.  Surface  diffusion  however is linearly  proportional  to  the  pressure  provided the 
fraction  of  the  adsorption  sites  covered is very  low. It  is demonstrated  that  the  resulting  difference 
in pressure  dependence of both  transport  mechanisms  can  be  used  to  distinguish  between  diffusion 
through  the  gas  phase in the  pores  and  surface  diffusion. 

As the  fraction of the  adsorption  sites  covered  with H2S or S02 appears  to  be  considerable,  it 
was necessary to use  a  two  parameter  fit,  the  product  Di,s CS bi and  the  adsorption  parameter bi 
itself,  to  interpret  the  surface  diffusion  data.  For SO2 the  fitted  surface  diffusion  parameters  show  a 
remarkable  change  between  498  and  525 K which  probably  can  be  attributed  to  the  change of some 
chemisorbed  species  as  has  been  reported  in  literature. The order of  magnitude  of  the  data  found 
are in reasonable  agreement  with  literature  data.  For H2S the  parameters  fitted  show a maximum 
with temperature,  but  the  product  of  the  effective  surface  diffusion  coefficient  and  the  concentration 
of adsorption  sites  increases  with  temperature. 
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adsorption  constant 
membrane specific parameter cleked in equation  (15) 
concentration  of  adsorption  sites 
cumulative  relative  deviation  function  between SDC,,, and 
SDC,,, (see  equation (20-22)) 
average  pore  diarneter 
C O ~ ~ ~ U U I I I  W s i o n  coefficient 
Kiudsen diffusion  coefficient 
di.ffusion  coefficient in the  gas  phase in the gores 
surface  diffusion  coefficient 
volume  fraction  of the pores with diameter dp 
mass  transfer  parameter in the  gas  phase  outside  the membme 
molar flux owing  to e s i o n  through  the  gas  phase in the pores 
total  molar flux owing  to both transport  mechanisms 
molar flux owing  to  surface  diffusion 
membrane  thickness 
molar  mass  of  component i 
exponent in equation  (17) 
exponent in equation  (17) 
pressure 
gas  constant 
Reynolds  number  defined in equation  (17) 
Schmidt  number  defined in equation  (17) 
Sherwood  number dehed  in equation  (17) 
temperature 
experimentalmuface  diffusion  contribution  (see  equation (20)) 
theoretical  surface difhsion contribution  (see  equation  (21)) 
molar  í?action  of  component i 
lucation  inside the membrane 

porosity  of  the  membrane 
viscosity of the gas 
density of the gas 
tortuosity of the membrane 
fraction of the adsorption sites  covered by component i 

m / s  
mole / m2 s 
mole / m2 s 
mole / m s 
m 
kg / mole 

Pa 
J / mole K 

M 
mole / m s 
mole / m s 

m 

Pa s 
kg / m3 
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subscripts 

bulk O in the  well  stirred  bulk of the  gas  at  the  side  of z=O 

bulk  L in  the  well  stirred  bulk  of  the  gas  at  the  side  of  z=L 
eff effective,  corrected  for  the  porosity-tortuosity of  the  membrane 
int o at  the  membrane  interface  at z 4  
int L at  the  membrane  interface  at z=L 
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Appendix: Experimental and theoreticalIy calculated surface diffmion data. 

1. Surface diffusion data of SO2 as a function of pressure  at  different  temperatures 

SDC * IC? (mole /m s> 

t6  4 
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O o 2 4 6 
____) 

P Pa) 

SDC * (mole/m s> 

t6  u experimental data 
4 - predicted by theory with fitted  parameters 

2 
SDC surface diffbIsion contribution 

defined by equations  (20-21) 

o o 2 4 6 
___9 

P (105 Pa) 



2. Surface difhsion data of H2S as a function of pressure at different  temperatures 
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- predicted by  theory  with  fitted  parameters 

SDC surface  diffusion  contribution 
defined by equations  (20-21) 
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Chapter 4 

MATHEMATICAL  MODELLING OF MASS  TRANSPORT  COMBINED  WITH 
AN INSTANTANEOUS,  REVERSIBLE  REACTION  INSIDE A MEMBRANE 

Abstract 

A mathematical  model,  based on the  so-called  'Dusty-Gas  Model'  extended  with  surface 
diffusion, is presented  which  describes  mass  transport  owing to molecular  diffusion  and  viscous 
flow combined  with an  instantaneous  reversible  reaction  inside  a  membrane  with  reactants  fed  to 
opposite  sides of the  membrane  taking  mass  transfer  resistances in the  gas  phase  outside  the 
membrane  into  account. As a  model  reaction  the  Claus  reaction is chosen  to  study  this  membrane 
reactor. 

The present  model  is  used  to  determine  the  validity  of  a  previously  presented  simplified  model. 
From  the  comparison  of  both  models it  is concluded  that  the  simplified  model  predicts  the  correct 
molar  fluxes  provided  the  system is very  diluted  and  can  therefore  be  considered  a  pseudo-binary 
system. 

It is concluded also from  the model  that  to  determine  whether,  in  absence of an  overal1  pressure 
difference over the  membrane,  a  maximum or a  minimum  in  the  pressure  profile  inside  the 
membrane  is  to be expected  not  only  depends  on  the  stoichiometry of the  reaction  but also on  the 
mobilities of the  different  species. 
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A novel  type  of  membrane  reactor  has  been  developed  and  investigated  in  which a membrane  is 
used  to  keep reactants  separated from each  other  and  have them  come  together in a controlled  way 
instead  of  using  the  membrane  to  separate  components. In a previous  chapter  (Sloot  et,  al.,  1990) a 
simplified tran~p~bt model for this reactor was presented,  now a fundamentally  more  correct  model 
based on the so called  Dusty-Gas Model'  (Mason  and  Malinauskas,  1983) is presented which  also 
includes  surface dBùsion as an  additional transport mechanism. 

In this reactor the reactants are fed at opposite sides of a porous  membrane  which  contains a 
catalyst  for a heterogeneously  catalyzed  reaction  between  the  reactants.  The  reactants  diffuse  from 
either  side  into the membrane  and  therefore a pressure  difference  over  the  membrane is in  principle 
not  necessary, this in contrast to the  usual  applications of membranes. Inside the  membrane a 
reaction  between  the  reactants  occurs  and  the  products  obtained diffuse out of the  membrane  to 
both  sides. Hf the rate of  the  chemical  reaction is  fast compared  to  the diffusion rates of the 
reactants, a small  reaction  zone  or, in case of an instantaneous irreversible  reaction, a reaction  plane 
inside  the  membrane  results.  The  location  of tbis reaction  zone  will  be  such  that the molar fluxes of 
the  reactants are in stoichiometric  ratio. If for  some  reason  the  concentration  of  one  of  the  reactants 
increases this will evolve in a higher  molar  flux of this  reactant  into  the  membrane, At the reaction 
zone an excess of this reactant will be present  and  therefore  this  component  will  penetrate  further 
into the membrane  before  the  reaction  takes  place. This results in a shift of the  reaction  zone 
towards  the side of the  reactant whose  molar flux is below  stoichiometry.  Owing  to  this  shift, the 
distance kom the  membrane  interface  to the  reaction  zone  decreases for this reactant  resulting in an 
increase  of its molar flux and  vice versa for the other reactant. The new location of the reaction 
zone will be such that the  molar  fluxes  of both reactants  are in stoichiornetric  ratio  again. 

Owing to t.he fast reaction  inside  the membrane,  slip  of  the  reactants  to  the  opposite side of the 
membrane is not  possible  provided  the  reaction  is  irreversible.  Because of the  stoichiornetric  molar 
fluxes  and the impossibility of slip of the reactants  to  the opposite side of the membrane,  this 
reactor could*be very suitable for chemical  processes  requiring strict stoichiometric  feed  rates of 
reactants. 
h order to  study  this  membrane  reactor  and  to  determine  the  influence of reversibility  of  the 

reaction  and of the effect of a pressure  difference  over  the  membrane which  can  possibly  occur  in 
practice, a mathematical  model is developed. This model  describes  mass transport owing  to 
molecular diflksion and  viscous  flow  through  the  membrane in combination with an  instantaneous, 
reversible  reaction  inside  the  membrane. As a fundamental  transport  model in porous  media,  the so 
called  'Dusty-Gas  Model'  (Mason  and Malinauskas, 1983), extended  with  surface  diffusion has 
been  used, A simplified  transport  model describing transport  combined with an  instantaneous 
reversible  reaction inside a membrane  was  presented  earlier  (Sloot  et. al., 1990).  This  simplified 
model uses Fick's diffusion equations for describing  the  diffusion of all components  and  uses 
effective binary diffusion coefficients. The use of Fick's diffusion equation in describing 
multi-component  diffusion  however is only valid in very  diluted, pseudo binary, systems.  The 
present  model is based  on a hdamenmy more  correct  and  more  widely  valid transport model and 



can  therefore  be  used  to  determine  the  validity  of  the  simplified model.  Also  a  number of  new 
effects are predicted by  the  present  model. 

2 .  Model description 

The model  presented  here is a  flux  model  describing  mass  transport in a  membrane in 
combination  with  an  instantaneous,  reversible  reaction  inside  the  membrane  with  reactants  coming 
fiom different  sides  of  the  membrane.  Transport is described  in  the  stationary  state  in  the  direction 
perpendicular  to  a  membrane  with  a  flat  sheet  geometry,  reflecting  the  experimental  setup  used. To 
simulate  a  practical  application  using  porous  membranes  this  flux  model  must be modified  to 
cylindrical  coordinates  and be incorporated  into  a  reactor  model  taking  the  operation  mode  (co-  or 
countercurrent)  into  account. 

The instantaneous,  reversible  reaction is presented by equation (1). 

Keq 
vA A + vB B -b vC C + vD D 

The  basic  variables  to be calculated as a  function  of  the  position  in  the  membrane  are  the  pressure P 
and  the  molar  fractions of the  components  A, B, C, D and,  if  present, of the  inert  components. As 
in the  present  model one inert  component is taken  into  account  there  are  six  variables  to  be 
calculated as a  function  of  the  position  in  the  membrane  and  therefore  also  six  equations  are 
required.  The  differential  mass  balance  for  a  component i is presented by equation (2). 

with Ri < O for  reactants  and  Ri > O for products 

The mass  balances  for  all  components  A, B, C, D and  inert  are  given by equations (3-7). 

d JB -- 
d z  

d JC - -  
d z  

d JD RD (Z) = - - 
d z  RA ('1 
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As the rate of the reaction  presented by equation (1) is considered  instantaneous  compared  to 
mass transport, the reaction rate RA is indefinite. Therefore RA is eliminated by adding  and 
subtracting  among  the  equations (3-6) resulting in four independent  equations (8-1 1)- 

The fifth equation  required is the  equilibrium  condition  which is assumed to be valid through the 
entire  membrane. 

- 
' M e p  - 

'B 
xA % 

P C  
v f VD -vA-vB 

The sum of the molar fractions must be equal.  to one which is the sixth  and  final equation: 

i=nc 
x x i  = 1 
i = l  

To solve the  set of equations (8-13) additional equations are required specifying  the molar 
fluxes, Ji7 as a function of the  driving  forces. As mentioned  before  the  'Dusty-Gas  Model' (Mason 
and Malinauskas , 1983) extended with surface  diffusion is used  to obtain  the  expressions for Jb 

The total molar flux Ji of a component i through the pores of the membrane  with a mean pore 
diameter  dp is calculated  according  to  equation (14) assuming cylindrically shaped  pores. 

4 
J. = J. 

gas 
+ - ;bi,surf i = 1, ... , nc 
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Equation (14) reflects  the  fact  that  transport  through  the  gas  phase  in  the  pores of the  membrane  is 
proportional  to  the  cross  area of the  pores  and  therefore  proportional  to dp2  whereas  transport 
owing  to  surface  diffusion is proportional  to  the  circumference  of  the  pores  and  therefore 
proportional  to  dp. 

The  molar  flux of a  component i through  the  gas  phase  in  the  pores is calculated by the  'Dusty 
Gas Model'  equations  (15)  (Mason  and  Malinauskas,  1983)  omitting  thermo  diffusion  and  external 
forces  e.g.,  gravitation  fields in fast  rotating  systems.  The  gas  phase is assumed  to  behave  as an 
ideal  gas. 

i = 1, ..., nc  (15) 

The  first  term on the  left  hand  side  in  equation  (15)  represents  continuum  diffusion  written in the 
Stefan  Maxwell  formulation of diffusion  and  the  second  term  represents  Knudsen  diffusion.  The 
first  term on the  right  hand  side  reflects  transport  caused by a  pressure  gradient  and  consists of a 
pressure  diffusion tem and a  viscous  flow  contribution.  The  second tem on  the  right  hand  side 
gives  the  transport  owing  to  a  molar  fraction  gradient.  The  effective  continuum  and  Knudsen 
diffusion  coefficients  used  in  equation  (15)  are  determined by equations  (16). 

The  continuum  binary  diffusion  coefficients Dij0 are  calculated by gas  kinetic  theory  (Reid  et. al., 

1977)  and  the  Knudsen  diffusion  coefficients DKO by equation  (17). 

Equations  (15-17)  contain  only  two  variables  that  have  to  be  specified;  the  porosity-tortuosity 
factor &/z and  the  average  pore  diameter d,. The  membrane  specific  parameter B, is related  to &/Z 
and  dp  according  to  equation (18) (see e.g.,  Mason and  Malinauskas,  1983). 

Surface  diffusion is described by Fick's  law  as  presented  by  equation  (19). 
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d 8. 
i = 1, ..-, nc 

In equation (19) Di,s is the  effective  diffusion  coefficient of surface  diffusion  of  component  i, CS is 
the  concentration of adsorption  sites  (moles/m2)  and 8, the  fraction of the  adsorption  sites  covered 
by component i. The rates of  adsorption  and  desorption are assumed  to  be fast compared  to  the 
transport rate through the  membrane  and therefore an instantaneous adsorption-desolgtion 
equilibrium is obtained. It  is assumed that the fraction of the adsorption sites covered by 
component i, $i, can be described  by a Langmuir isotherm  as  presented in equation (20). 

b, x, P 
j =nc 

P +  P c bjxj 

8, = 

j = l  

i = l>..., nc 

Equations (19-20) contain  nc  effective  diffusion  coefficients, Dis7 nc  adsorption  constants,  bi,  and 
the total  concentration of adsorption  sites, CS, whose  values  have  to  be  specified  on  beforehand in 
the  calculations. 

To solve the set of equations (8-20) uniqueIy  twelve  boundary  conditions  are  required.  At  the 
membrane  interfaces  the  equilibrium  condition  (equation 12) must  be  fulfilled  and also the sum of 
the  molar  fractions  has  to be equal  to  one  (equation 13). The pressure at the  membrane  interfaces 
must  be  equal  to  the  pressure in the  bulk of the  gas at that  side of the  membrane  (equation 21). 

There are still six additional  boundary  conditions  required. 
Mass  transfer  xesistances  outside  the  membrane are taken into account.  Because  outside  of  the 

membrane no reaction takes place and inside the membrane  the reaction is assumed  to  be 
instantaneous,  the  molar  fluxes  from the buk of the gas  to the  membrane  interface Ji, b-i and  the 
molar fluxes in the membrane at the  interface Ji, int do not have  to  be equal  to  eachother but are 
coupled by the stoichiometry  of  the  reaction.  Owing  to  the  assumption of  an instantaneous 
reaction,  Continuity  of  both  the  molar  fluxes and the  molar  fractions at the  membrane  interface 
cannot be fulfilled. As the  condition of continuity of the  molar  fractions  must always be satisfied 
continuity  of the molar  fluxes at the  membrane  interfaces is not  possible.  Equations (22 - 25) 
represent  the  coupling  of  the  molar  ffuxes Ji, b-, and &, kt by  the  stoichiometry  of the reaction. 
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- - 
Jinert, b-i Jinert, int z=O and z=L 

There  are  eight  mass  balances  at  the  membrane  interfaces  to be fulfilled  and  only  six  boundary 
conditions  required  to  solve  the  set  of  equations  (8-20)  uniquely  and  therefore  two mass  balances 
seem  to  be  superfluous. 

Equations  (22-25)  introduce  five new variables, JA, b-i, JB, b-i, Jc, b-i, JD, b-i and Jinea,  b-i at 
z 4  and at z=L and  therefore  ten  additional  equations  specifying  these  molar  fluxes kom the  bulk 
of  the  gas  to  the  membrane  interface  are  required.  In  order  to  describe  the  combination  of  flow  and 
diffusion  outside  the  membrane  the  film  model is used. To specify  the  molar  fluxes in the  stagnant 
gas  film  caused by  diffusion  the  Stefan  Maxwell  diffusion  equation  (26) is applied. 

i=nc c xj Ji, dif - 'i Jjy dif - 1 'xi 
j=l P Do RT d z  

- - - -  

4 

i = ly...y nc-l (26) 

The  reason for the  use  of  the  Stefan  Maxwell  diffusion  equation  instead  of  Fick's  law is that  these 
equations are fundamentally  to  be  preferred  above  Fick's  diffusion  equation in describing 
multi-component  diffusion  especially for the  diffusion  of  the  inert  component  that is present in 
large  amounts. 

Equations  (26)  give  the  diffusion  fluxes  of  the  components  relative  to  eachother. In case of a 
pressure  difference  over  the  membrane,  a  part  of  the  transport  through  the  membrane  is  caused by 
viscous  flow  (see  equation (15)) and  this  flow  through  the  membrane also should  pass  the  stagnant 
gas  films  representing  mass  transfer  resistances  in  the  gas  phase  outside  the membrane.  Owing to 
the fact that  this is a flow through free space  the  pressure  drop  in  the  stagnant  gas film is 
negligible.  The  combination of flow  with  diffusion  is  represented  by  equation  (27). 

i = l, ..., nc  (27) 

Using  equations  (27)  to  eliminate  the  diffusive  fluxes in equations  (26)  results  in  equations  (26) 
again for the  total  molar  fluxes  as  the  terms  containing  the  molar  flux  caused by flow  exactly 
cancel. 

As equations  (26)  predict  molar  fluxes  relative  to  eachother,  only nc-l independent  equations 
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can k obtained for a system  containing  nc  species  and  therefore  equations (26) applied to both z+ 

and z=L gives only eight  equations.  Therefore still two additional  equations  are  required  to  solve 
the molar fluxes 4, bi9 one at z 4  and one at z=L, specifying either an additional  relation between 
the  fluxes or specifying one of the molar  fluxes,  By  these  additional  equations  the  molar  fluxes  are 
given relative to a k e d  position,  i.e. the membrme. The two mass balances at the membrane 
interfaces that seemed to be superfluous, owing to  the  number  of  boundary conditions at the 
membrane  interfaces  required, turn out to k necessary as fixing equations, Therifore equations 
(22-24) are used as born- conditions at the membrane  interfaces at z 4  and z=L and equations 
(25) are used as fixing equations at z d  and z=L for the  equations (26). 

Because  equations (26) introduce new  derivatives, eight additional boundary  conditions  are 
required to solve equations (26). Boundary  conditions  used  with  equations (26) are four molap 
fraCtiOnS b&9 buk, XG, buk and XD, bulk, in the bulk Of the gas at both  sides Of the 
membrane, The pressure P in the bulk of the gas at both sides of the membrane  must  also be 
specified because of equation (18) at z=O and z=L. Finally  the  molar  -fraction of inert  in  the  bulk of 
the gas at both  sides is determined by the condition  that  the sum of the  molar  fractions  in  the  bulk 
must k equal to one  (equation (13)). 

3 e sonution method 

The set of equations (8-26) can  only be solved  numerically. The numerical  method  used  to  solve 
the equations is a relaxation  method  (Press  et. al., 1986). In the  relaxation  method  the  set of N 
differential  equations is replaced  by a set of N finite difference  equations  on a grid consisting of M 
grid pints by  using a chosen  discretisation  scheme.  An  initial  solution  of  the  set  of  N*M  equations 
is obtained by specifying all N*M variables by an estimated  guess. With these  variables  the 
deviation from the  set of N*M equations is calculated  and  by a multidimensional Newton  Raphson 
method  new  values of all variables are calculated,  This  iteration  proces  continues until the  deviation 
of all equations is less  then a specified value. 

The numerical  technique  produces a matrix  equation  presented in equation (28). 

a IE,¶ k=l a k=l 

a vl, k=l a "N, k& 

- ... 

a %y k=M a %, k=M ... 
a 5 ,  k=I a k=h4 

* 
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dvly k=l 

dVN, k=l 

d vl, k=2 

d k=M 

d 'l, k=l 

d %, k=l 

d 'l, k=2 



with  E. . the  deviation  of  equation  number i on grid  point  number  j w 
dv..  = v ij old - vij new where vij old is  the  present  value  of  variable  v.  at k=j 

1J 

d Eij = Eij old - Eij new - Ei,j old 
- 

The  discretisation  of  the  first  and  second  order  derivatives of a  variable  v  to  the  location  in  the 
membrane  are  based  on  the  discretisation  scheme  given  in  equation (29). 

d v  - 1  = k+l - vk-l d2 v vk+l - vk 4- vk-l 
d z  k 2 h  

V 
and-I = 

2 k  d z  h2 

As a Newton  Raphson  iteration is used,  partial  derivatives of the N*M equations  to  all N*M 
variables  are  required.  To  obtain  a  fast  convergence  behaviour of the  numerical  method,  analytical 
expressions for the partial derivatives  are  preferred.  Analytical  expressions for all partial 
derivatives of the  derivative of the  molar  fluxes  to  the  location  in  the  membrane  used  in  equations 
(8 - l l ) ,  were  derived from equations  (15) by rearranging  these  equations  to  give  explicit 
expressions for the  molar  fluxes  (see  equation 30 in vector  notation). 

X. 
with A.. = - 2 

Y P D.. 
Y 

nc 
1 

A.. = +- P DK 

xi ( B. 1 d P  1 dxi p . = - -  1 + F ) z - - -  
RT qD, RT d z  

i + j  

i = 1, ..., nc 

By  differentiation of equation (30) to  the  location  in  the  membrane z, analytical  expressions  for 
the derivatives of the  molar  fluxes  are.  obtained  (see  equation 3 1 in  vector  notation). 
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d xi d X. 

Ji d P  x- d P  +-- 
j = 1  P D.. +--(z> - 

Y P D, d z  P2RT 

The  matrix A in equation (31) is the same matrix as in equation (30)- In t.he solution method partial 
derivatives  of  equation (31) to all variables v at all grid points are required.  Calculation of  these 
partial  derivatives  requires  partial  derivatives  of  the  inverted  matrix A. Before  calculating  the  partial 
derivatives  by  hand,  equations (30) and (3 1) are  rearranged finally resdting in equations (32). 

The  matrix  inversion of A required at each grid p in t  is calculated numericay. 
Determination of the partial derivatives of the surface  diffusion  fluxes is straightforward as  these 

molar fluxes  are  already  written in an explicit  form  (see  equations 19-20). Although  writing  out  the 
partial derivatives  requires a lot of work,  the  advantage is that  numerical  convergence  can be 
expected  to be faster  than  using  approximated  values  for  the  partial  derivatives. 

. Special attention must be paid to the discretisation of the  boundary conditions given by 
equations (22-25). These  equations  require molar fluxes at &e membrane  interface  which  cannot  be 
calculated  according  to  the  discretisation  scheme given by  equation (29) owing to  the fact that the 
discretisation uses values of the molar fractions  and  pressures one grid point backward  and  also 
one  grid point forward  and one of the two is not  available at the  membrane  interfaces.  Using  an 
alternative  discretisation  scheme at the  interfaces is dangerous  because  of  different  break off errors 
introduced  possibly resulting in numerical  convergence  without  satisfying  overall  mass  balances. 
As the  reaction zone is normally located  somewhere  inside  the  membrane  and  not  very  close  to  one 
of  the  interfaces,  the  molar fluxes at the intefaces are replaced  by the  molar  fluxes  one grid point 
into the membrane giving equations (33-34). 

1 1 - ( JBy b-i - JBy k ) - ( JAY b-i - JAY k ) 0 k 2  and k a - l  

53 
(33) 
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- - 
Jinert,  b-i  'inert, k k=2  and k=m-l (36) 

Although  physically  it is possible  that  the  reaction  zone  becomes  located  entirely at the membrane 
' interface  this  will  result  in  severe  slip of reactant.  The  model is not  able  to  predict  the  correct  molar 

fluxes in this  case. 
Another  point  requiring  attention  is  the  calculation  of  the  molar  fluxes  from  the buk of the gas to 

the  membrane  Ji, b-i which  should be obtained by solving  the  set  of  differential  equations  (26). 
Instead of solving  these  differential  equations  (26)  they  are  linearized  giving  equations  (37). 

- p xi, int - 'i, bulk 
RT 6 

(37) 

- X 
with xi = i, bulk -t- 'i, int 

2 

It can be calculated  that  the  deviation of the  molar  fluxes  obtained  from  the  linearized  equations 
compared  to  the  molar  fluxes  obtained  from  solving  the  differential  equations is always  less than 2 
% provided  the  system  is  very  diluted  and  the  molar  masses of the  components  do  not  differ  much. 

The  matrix of size N*M with  the  partial  derivatives of all equations  to all variables  consists  of 
M*M block  elements of size N*N, reflecting  the M gridpoints, of the  structure  given  in  equation 

(38). 

- 
k=l H R,  R2 

H 
H ,R1 

* 
* 

H 
H R, 

L2 H 
k=m 

k=l k a  

H: block  element  on  main  diagonal 
R block  element  on  right  hand  side  diagonal 

L: block  element  on  left  hand  side  diagonal 

73 



The sliscretization of the internal  equations, from k=2 to k=m-l, at gridpoint k results in partial 
derivatives  unequal to zero at the gridpoints k, k-l and k+l and therefore only  the  block  elements 
H, L1 and R1 exist in equation (38). Owing 8s the fact tbat the equations  at the membrane  intexfaces 
use molar firnes at k=2 and at k=m1 for respectively the left md right hand side boundary 
conditions, different blocks  with partial derivatives exist in equation  (38), i.e.  two  right  hand 
blocks at k=1 md two left hand blucks at k=m besides the main diagonal  element H. 

To obtain the set of variables that are supposed  to  be  better fuEiDing the set of equations,  the 
matrix in equation (38) is reduced  to the identity  matrix. This reduction  takes  place by successively 
reducing a block  element  on  the  main diagonal to the identity  matrix  and  eliminating the left hand 
block one row below going from k=l to k=m-P. Then  and ]L1 at k=m are eliminated  using  the 
main diagonal element,  reduced  to t.he identity matrix, at k=m-2  and k=m-l respectively.  From 
k=m-l to k=2 the right hand  blocks are then eliminated  using  the  main  diagonal  blocks  one row 
below. Finally Hp1 and R2 at k=l are eliminated  using the main diagonal  element  at k=2 and k=3 
respectively. 

To start the iteration proces initial values of all variables have to be specified.  The  molar 
fractions at the membrane  interfaces are set equal  to the given molar  fractions in the bulk of the gas 
whereas  molar fractions at all grid  points  inside the membrane are calculated  taking  linear molar 
fraction  profiles ktween the membrane  interfaces. The pressure profile is initiated in the  same 
way. 

Simulahons were  performed on a AT compatible computer provided  with a mathematical 
coprocessor. "he number of grid points used varied between 50 and 300 depending on the 
situation simulated. The number of grid  points  used was increased until ovemll  mass  balances  were 
satisfied within 0.5%. 

4 .  Numerical verification 

For a number of asymptotic  cases of the model developed in the present study  analytical or 
approximate  analytical  solutions  can be derìved.  Therefore it  is possible  to  compare  the  results of 
the simulations of the numerically solved model with those of the analytical or approximate 
analytical  solutions. In this  way a verification of the model is obtained.  The  asymptotic  cases 
studied  are an instantaneous,  irreversible  reaction in the absence and in the presence of a pressure 
difference  over the membrane. The  different  situations are k ing  studied  using the Claus  reaction  as 
a model reaction (Mark et. al., 1983). 

3 
8 8  

2 H2S + so2 c-* - s + 2H20 (39) 

Data  concerning the Claus  equilibrium  are  obtained from literature (Gamson and Elkins,  1953 and 
Verver9 1984). The analytical  solutions of the  asymptotic  cases are derived using the  Fick  cPif€usion 
equation  to  describe  multi-component diffusion, which is allowed  only in  case of very  diluted, 
pseudo-binary systems  and  therefore  the molar fractions of H2S, S02, I420 and Sg in the bulk of 
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the gas phase  at  both  sides  of  the  membrane  are  fixed at low  values  (equal  to  or  less  than O,Ol), the 
balance  being N2. Surface  diffusion  has  been  omitted in these  simulations by setting  the  adsorption 
parameters  bi  equal  to  zero. 

The  parameters used in the  simulations  are  given in Table 1: 

Table 1: Parameters  used  in  the  simulations. 

membrane  parameters: 

adsorption  parameters: 

gas composition: 

temperature: 

equilibrium  constant: 

number  of  grid  points: 

L = 3  * 1ö3m 

E/z = o. 10 

d = 1 pm (4.2) 

b,=O Pä' (i=H2S, SO2, S,,H20andN2) 
P 

ver  th 

T=473 K 

Kq = 0.924*10-6 * exp(1.274*104/I')  (105  Pa) 

(Verver,  1984) 

e 

In the  case of an instantaneous,  irreversible  reaction in the  absence  of  a  pressure  difference  over 
the  membrane  analytical  expressions for the  molar  fluxes  can  easily  be  derived  (see  appendix).  The 
mass  transfer  resistances in the  gas  phase  outside  the  membrane  were  neglected.  The  analytically 
derived  molar flux of  H2S into  the  membrane is given by equation (40) and  the  molar  flux of s8 to 
the H2S side is given  by  equation  (41). 
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For the comparison  with the numerical  model  sirnulations  were  carried out in the  absence of a 
pressure  d2Serence over the membrane at a temperature of 473 R and without mass  transfer 
resismces outside  the  membrane. In Table 2 the molar fluxes of H# into the membrane  and  of Ss 
out of the membrane to the H28 side  are  given for different  pore  diameters  of the membrane. 

Table 2 Analytical  and  numerical molar flurres for sZifferent  pore  diameters. 

2UlalJJtiCal 

7.503 * lO-' 

7,207 * 104 

5,160 * 
1.345 * 10" 

1.602 * 104 

1.633 * 104 

numerical 

7.482 * 
7.186 * 106 

1.340 * 104 

1.596 * 104 

1.627 * 104 

mole 

m s  
numeical 

From Table 2 h can be concluded  that the molar fluxes  calcuIated by the numerical model  agree 
well  with the analytically  obtained  molar  fluxes.  The  numerically  calcuIated  molar fluxes are 
slightly lower (k 0.3 %) which could be caused  by  the  fact  that,  in contrast to what  is  assumed, the 
Claus  reaction is not entireIy  irreversible at the  conditions  used in the  calculations  (Sloot et. al., 

r 

1990). 

4.2 An instantaneous, irreversible reaction in the presence of SZ pressure diflereme over the 
mmbram 

It is possible to derive an approximate  analytical  solution of the molar flux of into the 
membrane as a function of  the pressure difference  over  the  membrane in the situation of very 
diluted  systems  where  multi-component  diffusion  can be described by  Fick's  law. B is necessary 
to  assume that the reaction is irreversible and the  pressure  difference over the  membrane  must be 
low compared to the pressure  level in order  to  use  constant  'effective'  diffusion  coefficients  that are 
independent  of  pressure. The molar flux of H2S is calculated by equation (42) while the  factor Y in 
equation (42) can be calculated from the  implicit  equation (19) given in the appendix. The constants 
introduced in equation  (42) are defined in the appendix. For the derivation of equation (42) the 

reader is referred to the appendix. 
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- *HZS J .  VISC E H2S Y 
JH2s=' H2s Jvisc( 1 - Y ) + A  Y( l - E  ) 

X (42) 
H2s H2S 

The  molar  fluxes of H2S into  the  membrane  obtained  from  the  simulations  in  the  presence of a 
pressure  difference  over  the  membrane  are  compared  to  the  molar  fluxes  calculated  according  to 
equation (42) in Table 3. It should be noted  that  the  pressure  difference  over  the  membrane is not 
small  compared  to the pressure  level  which is a  condition for the  derivation of equation (42). 
Provided  the  pressure  drop  over  the  membrane is reasonably  linear  the  calculation of effective 
diffusion  coefficients at the  average  pressure  in  the  analytical  solution is however an acceptable 
approximation.  The  volumetric  flow  rate,  owing  to  viscous  flow  through  the  membrane,  increases 
with decreasing  pressure  and  thus  results  in a higher  gas  velocity  and  an  increase  in  pressure  drop. 
Therefore  non-linear  pressure  profiles  can be expected  for  viscous  flow  through  the  membrane  in 
principle.  However,  according  to  the  'Dusty-Gas  Model'  the  molar  flux of the  inert  component, 
nitrogen,  which  molar  fraction is almost  equal  to  one, is described by equation (43). 

The transport  of  inert is detennined by viscous flow and  Knudsen  flow.  When  the  relative 
contributions  are  calculated  for  a  pore  diameter  of 1 pm and at atmosferic  mean  pressure, it appears 
that  the  viscous  flow  contribution  causes  less  than 40% of the  inert  transport. As the Knudsen  flow 
contribution  results in a  linear  pressure  profile it  is concluded  that  the  approximation  of  linear 
pressure  profiles  inside  the  membrane is reasonable.  Therefore  the  numerically  calculated  molar 
fluxes of H 9  into  the  membrane  can be  compared  to  the  analytically  obtained  values.  The  results 
are  presented in Table 3. 

Table 3: Verification of the  molar  fluxes in the  presence  of a pressure  difference  over  the 
membrane. The parameters  used  are  given  in  Table 1. 

'H~S si& 

( 1 0 ~  Pa) 

1 S O  
1.25 

1.10 

1 .o0 

1 .o0 
1 .o0 

'so2 sick: 

( 1 0 ~  Pa) 

1 .o0 

1 .o0 
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numerical 

3.041 * 104 

1.588 * 10" 

1.091 * 104 

1.108 * 104 

1.557 * 104 

2.908 * 104 



From  Table 3 it can $e concluded that the agreement ktween the numericdly and  analytically 
calculated molar fluxes of H+ into t.he membrane is satisfactory  with  respect  to t.he approximations 
necessary for the calculation  of the molar fluxes axording to the approximate  analyticd  solution. 

First  simulations were carried out for conditions  without susfaGe diffusion both in the absence 
(5.1) and in the presence (5.2) of a pressure &EerenCe over the membrme. Next simulations  were 
c d d  out to study the influence of s d a c e  diffusion both in the absence (5.3) and  in  the  presence 
(5.4) of the instantaneous  reversible reaction. h t.he latter sirnulations  no  pressure  difference  over 
the membme was  present. 

Sirnulations were per€omed at a temperature of 473 K in absence of surface diffusion. In 
Figure 1 the molar fi-action  profiles and tiie pressure profile inside the membrane are presented. 
Parameters used in this simulation are given in Table 1. 

Figure 1: Profiles in the absence of surface diffusion and without a pressure difference at a 
temperature of 473 K 
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][n Figure 1 ït can be seen  that at 473 K the reaction ZQE, owing  t~ the high  equiIibrimn  constant of 
the Claus  reaction, is small and at these conditions  and  this temperature the Claus  reaction cm be 
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considered  to be almost  irreversible. 
As can be seen from the  decrease  of  the  molar  fraction  of  the  reactants H2S and S02 and  the 

increase  of  the  molar  fixction  of  the  products s8 and H20 from  the  bulk  of  the  gas  to  the  membrane 
interface,  mass  transfer  resistances  in  the  gas  phase  are  important for the  conditions  specified in 
Table  1  and  must be taken  into  account. 

The pressure inside the  membrane  shows a minimum at the location of the  reaction  zone 
dthough there is no overall pressure difference over the  membrane.  The occurrence of  this 
minimum  can be attributed  to a higher  molar  fraction  of inert at  the  reaction  zone  compared  to  the 
bulk  of  the  gas  on  both  sides  of  the  membrane.  This is caused by the fact that  the  number of  gas 
molecules is reduced  by  the chemical  reaction  (see  equation (39)). This  results  in a driving  force 
for  diffusion of  the  inert  component  out  of  the  membrane  to  both  sides. As the  net  transport of the 
inert is equal  to  zero,  owing  to  the fact that  there is neither an overall  driving  force  for  diffusion of 
inert  or  for  viscous flow, an additional  transport  mechanism  must be present  to  compensate  for  the 
diffusive  transport.  The  pressure  minimum  results  in  viscous flow compensating  for  the  diffusion 
of inert. 

In Figure 2 the  dependence  of  the  molar  flux  of H2S and  of  the created  pressure  difference on 
the  pore  diameter of  the  membrane is presented. As a change  of  the  pore  diameter  effects  the  mass 
transfer resistance in the  membrane  this  also  results  in a change  of  the contribution of  the  mass 
transfer  resistances in the  gas phase  outside  the  membrane.  Therefore  simulations  were  performed 
with negligible  mass  transfer  resistances  in  the  gas  phase  ouside  the  membrane in order  to  eliminate 
@is  effect.  Owing  to  the  fact  that  the  mass  transfer  resistance  in  the  gas  phase is eliminated  and  the 
reaction is assumed  to  be  instantaneous,  also at the membrane  interfaces,  the  composition  of  the 
gas at both  sides  of  the  membrane  must be set at equilibrium in these  simulations.  Otherwise a 
considerable  conversion  would  occur at the  interfaces  of  the  gas  phase  and  the  membrane.  The 
molar  flux  of H2S for  the  different  pore  diameters  has  already  been  given  in  Table 2. 

Figure 2: Molar flux of H2S and N at the  pressure  minimum as a function  of  the  pore  diameter 
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n or s m a ~  pore ctiameters (~10-8 m) transport takes place in the KnucIsen regime and as &e 
Knudsen diffusion  coefficient  is  directly pmpdonal to the  pore  diameter (equation 17), the moIar 
flux ofE2S is directly proportional to the pore dim eter^ 

The molar fixction gradient of inert in the membrane is independent of the pore  diameter  because 
the ~ E U I S ~ Q I ~  Q€ all components is afkctal identically by the pore  diameter,  Therefore  the  difference 
ktween the fraction  of inerts in the bulk of the gas md at the  reaction zone remains  constant. As 
for small gores the transport of inert caused by a pressure gadient is  determined by &udsen 
diffusion  and not by viscous flow both the difhsion owing to a molar  fraction gadient of  inert  and 
the h-an~p~rt owing to a pressure gradient depend in the same way QPP the pore  diameter of the 
membrane. "herefore the pressure minimum developed  inside  the  membrane is independent  of  the 
p r e  dimeter as can be seen in Figure 2, 

IFOH large p r e  diameters (>10-6  m) transpopt takes glace in the continuum  regime  and  the molar 
flux of H# is not influenced by the  pore  diameter  because the continuum diffusion  coefficent is 
independent of the pore  diameter of the membrane- Mso for large pores t.he difference  between  the 
fraction of inert in the bulk Q€ the gas and at the reaction zone remains  constant.  Therefore the 
transport  of her t  owing to  diffusion is also independent of the  pore  diameter. The transport  of  inert 
into the membrane owing to a pressure minimum  developed is caused by viscous  flow  which 
increases with dp2 (equations 15 and 18). In order to  compensate for the transport of inert caused 
by  diffmsibn, the pressure  difference  being  developed  must  be  proportional to dfz which is shown 
in Figure 2. 

Also from Figure 2 it can be  concluded that in order to obtain  high  molar fluxes the  pore 
diameter sh~ukd k a b u t  1 pm by  preference, For larger pore  diameters the moIar  fluxes  remain 
constant.  However, an increasing  amount of viscous  flow of inert in case of a pressure  difference 
over  the membme occurs (Slmt et. al., 1990)- 

The membrane  reactor  usually is operated  without a pressure  difference over the membrane as 
the reactants must cli.€hse in stoichiometrie ratio h m  opposite  sides  into the membrane. %n practice 
a pressure difference over the membrane  can  occur e.g., in case of different  pressure  drops  along 
the membrane area on both sides of the membrane.  Therefore it is necessary  to  determine  the 
influence of a pressure difference over the membrane on the reactor  performance.  These  effects 
have k e n  extensively  explained  (Sloot  et. al., 1990) and  from  the  simulations with the  extended 
model it can be concluded that the occurrence of a pressure dif3erence over the membrane  results  in 
similar  phenomena as those observed with the simple m~del. Therefore  the  reader is referred to 
sloot et. d. (1990). 
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The  transport in the  membrane,  owing  to  the  combination of diffusion  through  the  gas  phase  in 
the  pores  and  surface  diffusion  has been studied is the  absence of a chemical  reaction. As in  the 
simulations  with a small  reaction  zone  inside  the  membrane  the  molar  fractions  of H2S  and S02  are 
very low at the  location of the  reaction  zone it is especially  interesting  to  study  the  behaviour of 
surface  diffusion  at  these low molar  fractions. In the  simulations  the  mass  transfer  resistances  in 
the  gas  phase outside the membrane  were  negligible.  In Table 4 the conditions used  in  the 
simulations  are  specified.  Only H$ is  assumed  to  adsorb. 

Table 4 Conditions  used  in  the  simulations of surface  diffusion  of  H2S  through  the  membrane. 
The  other  parameters  are  given in Table 1. 

gas  composition: 

surface  diffusion  coefficient: Deff = 6 * 10 m /s 

concentration  of  adsorption  sites:  cs = 9.5 * 10 (mole/m ) (Sloot  et. al., 1991) 

-8 2 
1, s 

-6 2 

In Figure 3 the  molar  fraction  profiles of H2S  in  the  membrane  are  presented  for  different  values  of 
the  adsorption  parameter bH2S and  in  Figure 4 the  corresponding  pressure  profiles. 

Figure 3: Molar fraction  profiles of H2S for different  values of  the  adsorption parameter bH2S in 
the  absence  of a chemical  reaction. 
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Figme $: Pressure  profiles  inside  the  membrane  belonging  to the simdations in Figure 3. 
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From Figure 3 it can be concluded  that in the  absence  of  surface  diffusion, bms = O and for low 
values of the  adsorption  parameter  bmS,  the  expected  straight  molar  fraction  profile is obtained  but 
for  increasing  values of  the  adsorption  parameter the profiles  become  curved  and  simultaneously a 
minimum in t!ae pressure is being  developed,  These effects can  be  explained by the  degrees of 
coverage of the surface by €$S. At low  values of  bH2s the degree of coverage of the  surface is 
relatively  small  and  the  gradient  in the degree of  coverage with the location is linear  resulting  in a 
certain  constant  molar flux of H2S over  the stuface besides  the  transport  through  the  gas  phase  in 
the  pores of the membrane. Increasing the value of bH2S results in an increasing degree of 
coverage of the  surface  and at the membrane side with  the  highest molar fraction of H2S the 
gradient in the  degree  of  coverage is relatively small (equation 20). At the  side with the  lower  molar 
fraction ofH2S this  gradient is steeper  resulting  in an increase of  the molar  flux of &S owing to 
sur€ace  diffusion, As the total  molar flwc of H2S through the  membrane is constant  the  molar  flux 
through  the gas phase in the  pores of the  membrane  must  decrease.  This  implicates a decrease of 
the  molar  fraction  gradient of H# in the  gas  phase in the  pores  of the membrane  resulting  in a 
curved  molar  fraction  profile of &S. However, owing to  this  curvature  the  molar  fraction  profile 
of inert must be curved also giving diffusive transport of inert varying with the  position  in  the 
membrane.  Therefore a pressure  profile  inside  the  membrane is developed as the molar flux of  inert 
must  remain coostant. The existence of  pressure  profiles  inside  the  membrane  despite  the  absence 
of a pressure  difference over the  membrane  caused by the  change  of  surface  diffusion  along  the 
pores  of the membrane  has  been  demonstrated  by  Asaeda  et. al. (1981). The basic  cause of the 
mcmence of a minimum in the  pressure  profile inside the membrane is the  profile of  the  molar 
fraction  of  the inert component.  The  minimum in the  profile of the  molar  fraction of inert  can be 
caused  e.g.3  by a change  of  the  number  of  gas  molecules by a chemical  reaction  (Figure  1) OP the 
mcu~ence of surface  diffúsion in case of strong  adsorption of  one  of  the  components  (Figure 4). 
h Table 5 the mol= €lux of H2S is given for different  values of  the  adsongtion  parameter bwS. 
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Table 5: Molar  flux of H2S caused by combined  transport  through  a  membrane  with a pore 
diameter of 10 nm and 1 pm as  a  function of  the  adsorption  parameter  bms 
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1 * 104 
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From Table 5 it can be  concluded  that  surface  diffusion  can  play an important role even in 
membranes  with  a  large pore  diameter  provided  the  surface  concentration  is  high  enough  compared 
to the concentration in the  gas  phase. 

5.4 Numerical  simulations in the  presence of a chemical  reaction  in the membrane 

A numerical  simulation  was  performed  in  the  presence of  the  chemical  reaction  inside  the 
membrane  and with an  adsorption  parameter  bi for H2S equal  to  l*lO-3 Pa-l. Molar  fractions  in  the 
bulk of the  gas  are  the  same  as  used  in  the  simulation  presented in Figure 1 and  are  given in Table 
1. Figure 5 shows  the  molar  fraction  profiles  and  the  pressure  profile in the  membrane. 

Figure 5: Profiles  in  the  presence  of  a  chemical  reaction  and  surface  diffusion  without  pressure 
difference  over  the membrane  (bH2s = 1 * 10-3 Pa-l). 

0.0 0.2  0.4 0.6 0.8  1.0 
_____) locationz/L 

83 



From the c~mparison kmeen Figures 1 and 5 it can be concluded  that a maximum in the pressure 
profile is developed  (Figure 5) instead of a minimilm (Figure 1) and the location of the reaction 
zone is shifted  substantially  towards the S02  side of the membrane. The shift of the  reaction  zone 
is caused by the fact that transpon ofH2S is increased by surface diffusion in contrast to the 

h order  to  maintain  stoichiometric  molar fluxes of H2S and S 0 2  the  location  of 
the  reaction  zone shifts towards  the SO2 side. 

Owing to the increased transport of H$ by  surface  diffusion  the  molar f lues  of the reactants 
into the membrane  are increased  and  therefore at the reaction  zone a larger  amount  of  products  are 
formed.  Therefore higher molar fluxes of the products  out of the membrane are necessary which 
results in an  increase  of the maximum in the molar fraction  profiles of the products  at the reaction 
zone. It appears  that the molar  fraction of inert at the  reaction  zone  becomes  lower  than  the  molar 
fraction  of inert in the bulk of the gas  resulting in a driving force for diffusion of inert  into  the 
membrane9  contrary  to  the  situation in Figure 1. A maximum  in the pressure pr~file is required  to 
keep the molar flux of inert constant through the membrane.  From  these  simulations it can be 
concluded  that for the determination  of whether a maximum or a minimum in the pressure  profile is 
to  be  expected it  is not enough to look at the stoichiometry of the reaction only  (whether  the 
number of gaseous  molecules  increases or decreases by  the reaction)  but the mobilities of the 
diRerent  species, the molar flux owing to a certain driving force,  must also be  taken  into  account. 

Q o Comparison of the results of the numerical model with those of the previsaas 
model 

A simplified model predicting moIar fluxes and molar fraction profiles in case of  an 
instantaneous  reversible  reaction  inside a membrane  with  reactants  coming íÌom opposite  sides of 
the membrane  was  presented earlier (Sloot  et. al., 1990). In this  simplified  model  transport is 
described by a combination of viscous flow and  molecular  diffusion  described by Fick's law. By 
comparison  of the results of the  present  model with the results  obtained  from the simplified  model 
the validity  of the approach in the  simplified  model  to describe multi-component  diffusion by 
Fick's  law  instead  of  by Stefm Maxwell  diffusion  relations  can be  checked. In 6.1 the  situation  in 
the absence  of a pressure  difference  over  the  membrane  and in 6.2 the situation in the  presence of a 
pressure  difference  over the membrane is studied. 

Simulations  were  performed at a temperature of 523 K at different  molar  fractions of H2S in 
order to simulate both in the dilute, pseudo-binary  regime  where  multi-component  diffusion is 
adequately  described  by  Fick's  law  and in the concentrated  regime  where  deviations  between the 

models can k expected, In all simulations the molar  fraction  of S 0 2  in the  bulk  of  the gas has  been 
set at 69.75 times the molar  fraction ofH2S in the bulk of the gas  at the HzS side.  Molar  fractions  of 
the products in the bulk Q€ the  gas are fixed  at the vahes given in  Table 1. The aim of the 
simdations  is to determine whether the present  model  and the simplified  model  predict  the same 
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molar  fluxes. For the  conditions of high  molar  fractions of H2S and SO2 these  simulations  are  not 
realistic in the  sense  that  the  partial  pressure of elemental  sulfur at the  reaction  zone  inside  the 
membrane  exceeds its saturated  vapour  pressure at 523 K. The  ratio of the  molar  fluxes  predicted 
by the  simplified  model  and by the  present  model is plotted  as  a  function of the  molar  fraction of 
H2S in the  bulk of the gas at the H2S side.  In  Figure 6 the  ratio of  the  molar  fluxes  of H$, Figure 
6a, of elemental  sulfur  towards  the H2S side,  Figure  6b,  of  the  slip of S02 and H$, Figures  6c 
and 6d respectively,  and of the  inert  component,  Figure  6e, is presented. 

Figure 6: 
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Comparison of the  molar  fluxes  predicted by both  transport  models,  the  Dusty-Gas 
Model  and  the  simplified  model  (Sloot  et. al., 1990) in absence  of  a  pressure  difference 
over  the membrane 
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Ratio's  of the  molar  fluxes oe 

Ga: H2S into  the  membrane 
6b: S, out of  the  membrane  to  the  H2S  side 
6 ~ :  SO2 out of  the  membrane  to  the H2S side 
&k H2S out of the  membrane to the SO2 side 
6e: inert  through  the  membrane 

From Figure 6 it can be concluded  that in case  of a b w  molar  fraction  of ]H$, both  models  predict 
the  same  molar  fluxes of H&, elemental sulfm towards  the &S side  and  the  slip of H2S and S 0 2  

as can be expected in the  pseudo-binary  regime  where  multi-component  diffusion  can  adequately 
be  described by Fick's law. However  the  deviation of the  molar flux of inert predicted by both 
models is a b u t  20%- For the inert component  the  system cannot be regarded as dilute and 
therefore  the  description  of  the transport of inert by the  simplified  model  using  Fick's  law is 
fundamentally not correct.  The  difference  between  the  molar fluxes of inert calculated by  both 
models is probably  caused by the  net  total  molar flux unequal  to  zero  resulting in a drag  force on 
the  inert  component  according  to  the  description of diffusion by Stefan  Maxwell as present  in  the 
Dusty-Gas Model  which is not  taken  into  account  by  the  simplified  model. 

Looking at the ratio of the  molar  fluxes  predicted by  both  models at higher  molar  fractions of 
&S it appears that the agreement  between  the  molar  fluxes of H2S and of elemental  sulfur  towards 
the H$ side  predicted  by  both  models is reasonably  good (15% difference  at maximum).  The slip 
of &S and S 0 2  predicted by  both  models  however  shows large differences, the slip  of &S 
predicted  by the  simplified  model  being  lower  than  predicted by the  present  model  and  the  slip of 
S@ king higher.  These  differences  can  probably be attributed  t0  the fact that  the  net moIar flux is 
larger than  zero. As a consequence there is a drag force on all components  from the H2S side 
towards the S02 side  resulting in a small shift of  the  reaction  zone  towards  the S 0 2  side.  Therefore 

. the  slip  predicted  by  the  present  model of H2S is larger  and  the  slip  of S02 is smaller  compared  to 
those  predicted  by  the  simplified  model. In order  to  check  the  explanation of these  phenomena by 
the fact that the net molar flux is larger  than  zero a simulation was  performed with a reduced  moIar 
fraction of S 0 2  at the S 0 2  side,  the  molar hction of H2S being 0.05, resulting in a net  molar  flux 
into  the  membrane at the &S side of about zero. As a result the  slip  of S02 predicted by  both 
models is the  same  within 0.5%. Surprisingly  the H2S slip  predicted by  the simplified model is 
27% lower  compared  to  the  slip  calculated  by  the  present  model.  Although  the  net  molar  flux at the 
S 0 2  side is slightly negative, therefore going into the membrane,  and therefore it would  be 
expected  that the slip ofH2S predicted by the present mde l  is lower  compared  to  the  slip  of H2$ 

calculated by the  simplified  model,  Apparently  the  argument of the net  molar flux is a necessary but 
' ' not  sufficient  condition, 
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6.2 Comparison of both models in the presence of a pressure  difference  over the  membrane 

To compare the molar  fluxes  in  the  presence  of  a  pressure  difference  over  the  membrane 
calculated by  both  models  simulations  were  carried  out  at a pressure  difference of 0.25 bar  over  the 
membrane  with  the  highest  pressure at the H2S side.  Mass  transfer  resistances in the  gas  phase 
were  made  negligible. The molar  fractions  of H2S and SO2 were  varied in the  same way  as 
described in 5.1. Further  conditions  were  kept  the  same  as in 6.1. In  Figure 7 the  different  molar 
fluxes  calculated  by both models  are  compared by giving  their  ratio  as  a  function of the molar 
fraction  of H2S. 

Figure 7: Comparison of the  molar  fluxes  predicted by  both transport  models,  the  Dusty  Gas 
Model  and  the  simplified  model  (Sloot  et.  al., 1990) in  presence of  a  pressure 
difference  of 0.25 bar  over  the  membrane 
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y7el Ratio's of the moIar fluxes of: 
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Although  convergence was always  obtained  by  the  simplified  model the agreement of the  overall 
mass  balances  was  relatively  bad  (deviations  up to 6% occurred).  Increasing the number of grid 
points did not  reduce  these  deviations,  but  the  molar  fluxes  calculated  were  hardly  influenced  and 
are therefore  believed  to be reliable, In the simdations using  the  present  model  this  problem  did  not 
occur,  deviations of the  overall  mass  balances  were  always less than 0.3% and the molar  fluxes 
calculated  did  not  change with increasing number of grid  points. 

From  Figure 7 it can  be  seen  that  the  molar  fluxes  of H2S into  the  membrane  predicted by  both 
models  agrees  reasonably,  although the  molar flux calculated by the  simplified  model is 5 to 10% 
higher  than  the  molar  €lux  calculated  by  the  present  model. This is probably  caused  by  the  fact  that 
the  molar  fluxes of inert calculated by the  simplified  model are always  higher  resulting  in a higher 
viscous contribution of the molar flux of H2S into the membrane  compared  to  the  viscous 
contribution in the present model. The  large  deviation  in  the  molar  flux of  elemental  sulfur  towards 
the H2S side predicted by both models at a molar fiaction of &S of 6% can be explained  in  the 
following way. The molar flux of elemental sulhr towards  the H2S side is determined by  two 
oppositely directed contributions; a viscous one resulting in a molar flux of sulfus into the 
membrane at the &S side  and a diffusive one resulting in a molar flux  out of the membrane  to  the 
H2S side. The ~ ~ S C Q U S  contribution  does  not  depend very  much  on  the  molar  fraction  of H2S at  the 
conditions  studied  but  the  diffusive  contribution  depends  quite a lot on  the  molar  fraction of H2S as 
a higher  molar hct ion of H2S results in a higher  production rate of elemental  sulfur  inside  the 
membrane  wliich  has  to be transported out of  tke  membrane.  At  molar  fractions  of H$ up to l%, 
the  viscous  contribution of the  transport of elemental  sulfur  dominates  resulting in a appreciable 
flux of  elemental sulfur into the membrane at the H2S side.  At a molar  fraction of H2S of 10% and 
higher,  the  diffusive  contribution  dominates  resulting in a appreciable  molar flux of sulfur out of 
the  membrane at the H2S side.  In both situations  the  deviation  between  the  molar  fluxes of sulfur 
to the H2S side is relatively  small. In case of a molar fraction of H2S between 1 and 10% the 
diffusive  and the viscous  contribution are a b u t  equal and therefore the resulting  fluxes of  sulfur 
are:  relatively sm&. As the molar flux of inert predicted by both  models differs about 12% this 
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results in a  relatively  small  difference  in  the  viscous  contribution.  Owing to  the  fact  that  the  molar 
flux of s u l k  is caused by two  about  compensating  transport  mechanisms,  the  relative  difference in 
the total  molar  fluxes of elemental  sulfur to the H2S side  predicted by  both  models is quite 
substantial. 

The  slip of H2S to  the S02 side  and  vice  versa  predicted by  both  models  are of the  same  order 
of  magnitude  although  the  differences are up to  about 70%. It is remarkable  that  the  agreement in 
the  slip of S02 caïculated  by both models is much better  compared  to  the  situation  without  a 
pressure  difference  over  the membrane. 

7. Conclusions 

A mathematical  model is presented  describing  mass  transport  owing  to  molecular diffusion and 
viscous  flow in combination  with  an  instantaneous  reversible  reaction in a  membrane  with  the 
reactants  coming  from  opposite  sides of the  membrane.  The  model is based  on  the  so  called  'Dusty 
Gas  Model'  (Mason  and  Malinauskas, 1983) extended  with  surface  diffusion.  Mass  transfer 
resistances in the  gas  phase  outside  the  membrane  are  taken  into  account. As a  model  reaction  to 
study  the  model of this  membrane  reactor  the  Claus  reaction  is  chosen. 

It is demonstrated  that  pressure  profiles  inside  the  membrane  are  developed  even  in  the  absence 
of an  overall  pressure  difference  over  the  membrane. To determine  whether  a  maximum  or  a 
minimum  of  the  pressure  will  occur it is not  sufficient  to just look at the  stoichiometry  of  the 
reaction  but  the  mobilities  of  the  different  species  should also be taken  into  account. 

The present  model is used to  determine  the  validity  of  a  previously  presented  simplified  model 
(Sloot  et. al., 1990)- From  this  comparison it  is concluded  that  the  Simplified  model  qualitatively 
predicts  the  correct  molar  fluxes  including  the  slip of reactants  to  the  opposite  side of  the  membrane 
both in  absence  and in the  presence  of  a  moderate  pressure  difference  over  the  membrane  provided 
the  molar  fractions of  the  reactants  and  products  remain  low  compared  to  the  molar  fraction  of  inert 
(dilute  systems). 

Notation 

constant  defined  in  the  appendix 
matrix  element  defined  in  equation (30) 
adsorption  constant  of  a  component 
constant  defined in the  appendix 
membrane  specific  parameter  defined  by  equation 18 
constant  defined  in  the  appendix 
surface  concentration  of  adsorption  sites 
effective  continuum  diffusion  coefficient of  component i in j 
effective  Knudsen  diffusion  coefficient  of  component i 
effective  surface  diffusion coeEcient 
mean  pore  diameter 

mole / n12 s 

Pa-1 

m2 

mole / m2 
m2/ s 
m2/ s 
m2/ s 
m 
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constant  defined in the  appendix 
deviation of equation i on grid point  number j 
membrane  thickness L divided by the number of grid  points M m 
molar flux of component i through the gas phase mQk / Ill2 S 

total malar flu% of component i mole / m2 s 
molm flux o€ component i over  the  surface  mole / m s 
grid point number - 

equilibrium constant 
membme thickness 
number of grid points 
mQkW lllilSS 

constant dehed in the  appendix 
number of components 
pressure 
variable  defined in equation (30) 
variable  defined in equation (3 1) 
gas  constant 
reaction  rate 
temperature 
general  variable  used in equation (28) 
molar  íÌaction 
parameter  defined in the appendix 
constant  defined in the  appendix 
lucsttion  inside the membrane 

m 

kg / mole 

- 

Pa 

Greek  symbols: 
6 thickness of the stagnant gas film outside  the  membrane 

6r location o€ the reaction plane, used in the  appendix 
E porosity o€ the membrane 

rl viscosity 

Qi fraction of surface  covered by component i 
'& tortuosity of the membrane 

v stoichiometrie  coefficient 

indices: 
A reactant 
B reactant 
bi íÌom the bulk of the gas to  the  membrane  interface 
bulk in the bulk o€ the gas 
c product 
D product 

J / mole R 
mole / m3 s 
K 

m 

m 
nl 

- 

Pa s 
- 

90 



dif diffusive 
flow  viscous  flow 
1 general  component 
inert  component 
int membrane  interface 
tot  total 
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Appendix: Approximate analytical molar filsxes in  limiting situations 

hdyt icd ,  approximate  solutions for the  calculation  of  the  molar flux of&s have  been  derived 
€or two specific  asymptotic cases. The situations  studied  are  an  instantaneous,  irreversible  reaction 
in the  absence  and in the  presence  of a pressure  dlifference over  the  membrane. h the  first  case, an 
analytical  expression for  the molar flux 0fMzS is derived  both  with  and  without  mass  transfer 
resistances in the gas  phase. h the  presence o€ a pressure  difference over the membrane,  mass 
transfer  resistances in the  gas  phase  become  very  important.  Therefore in the  analytical  expression 
derived for the  calculation  of  the  molar flux of H$ these  resistances  were  taken into account.  In 
the derivation Q€ the analytical soluti~ns, diffixion is described by Fick's law and  therefore  the 
expressions obtained can  only  be  expected to be valid in situations  where a multi-component 
system  can  adequately be described by a pseudo binary system  which is the  case in dilute  systems, 
These models z e  set up for the  Claus  reaction  given in equation (1). 

I .  An instantaneous,  irreversible  reaction in the absence of a  pressure  diflerenee  over the 
w d r m :  

h this situation a reaction  zone is present at the  position in the  membrane,  which  position is 
such  that  the  molar fluxes of H2S and SS2 are in stoichiometric  ratio.  Because  there is no  pressure 
glifference  over the membrane  and the molar  fractions of both H2S and SO2 are sufficiently low 
Fick's diffusion law can be applied. The transport of H2S and S02 is determined by ordinary 
diffusion  and  the  molar  fraction  profiles are linear.  The  molar  fluxes of M2S and S02 are given  in 
equation (2). 

It should  be  noted  that the molar  flux of S02  is directed  opposite to the  molar  flux of H$. The 
mass-transfer  resistances in the  gas  phase  outside  the  membrane are represented  by  equations (3). 
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The molar  fractions of H2S and S02 at  the  membrane  interfaces are eliminated by combining 
equations (2) and (3) resulting in the  molar  fluxes  presented by equations (4). 

P "H2S 
JH2S = E 

1 

- 

- P xso2 
Jso2--RT 

k 

The location of  the  reaction  plane 6, is eliminated by the  condition of stoichiometry of the  molar 
fluxes of H2S and S02 resulting  in  the  expression  for  the  molar  flux of H2S given  in  equation (5). 

P 
JH2S =m 

x Deff - ,,eff 
H2S €$S 4- xS02 SO2 

The denominator  represents  a  series of mass  transfer  resistances;  gas  phase  mass  transfer 
resistances  both at the H2S and  at  the S02 side  and  the membrane  resistance.  In  case  mass  transfer 
resistances in the  gas  phase  are  absent  the  denominator  reduces  to  the  membrane  thickness L. 

The  effective  diffusion  coefficients of H2S and S02 in  equation (5) are  calculated  according  to 
equation (6) taking  Knudsen  and  continuum  diffusion  into  account  by  the  concept of diffusive 
resistances  in  series. 

D Y  1 
l 1 

The  continuum  diffusion  coefficients  and  the  Knudsen  diffusion  coefficients  are  calculated by gas 
kinetic  theory  (Reid  et.  al., 1977). 
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2 .  An imtantaneous,  irreversible  reaction  in the presence of a pressure dìference over the 
d r w :  

Aso for this situation a reaction  plane  exists at position ar. The difference with the first  situation 
is the fact that  because of the  pressure  difference  over the membrane, a viscous flow through the 
membrane is present  increasing  the  transport of the  high  pressure  side  reactant  and  decreasing the 
trrnsprt of the low pressure side reactant. h Figure 1 a schematic  drawing of the  molar  fraction 
profles  is given. 

Figure 1: Schematical molar fraction  profiles in case of an irreversible,  instantaneous  reaction in 
the presence of a pressure ae rence  over  the  membrane. 

Transport of &S and S02 through the gas phase outside the  membrane at  either side is 
described by a combination of viscous flow and  molecular  diffusion  as  presented  by  equation (7). 

In the gas phase no pressure gradient is present and diffusion is determined by continuum 
diffusion. Equation (7) is integrated  using he. boundary condition  that at the  interface of the bulk of 
the  gas  with the  gas film z = - &Es the  molar  fraction of H$ is equal to  the  molar  fraction of H2S 
in  the buk of the gas. The resulting  equation is applied  to  the  membrane  interface at z = O resulting 
in equation (8) for the molar flux of H$. 

JH2S =Jvisc 
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The unknown variables in equation (8) are the  viscous  flow,  Jvisc,  and  the  molar  fraction  of H2S at 
the  membrane  interface, xms, int. 

The molar flux of S02  into  the  membrane is calculated  in  the  same  way  using  the boundary 
condition  that at z = L + 6s02 the  molar  fraction of S02 is equal  to  the molar  fraction  of SO2 in the 
bulk of the  gas  and is given by equation  (9). 

int - RT 

3 0 2  

6 
RT SO2 

p Do 
1 - exp ( - - Jvisc -) 

SO2 

In case of low  molar  fractions of the  reactants,  the  transport of  reactants  inside  the  membrane  can 
be  described  by  equation (10) according  to the 'Dusty-Gas  Model'  (Mason  and  Malinauskas, 
1983)  which  takes  into  account  viscous flow, ordinary  diffusion  and  pressure  diffusion. 

DYff d (xiP) 

RT d z  
Ji = xi Jvisc - - - 

If  the  pressure  difference  over  the  membrane is small  compared  to  the  absolute  pressure,  the 
effective  diffusion  coefficient  can  be  considered  independent of the  pressure  and its value  is 
calculated by  equation (6) at the  average  pressure. The viscous  flow is assumed  to  be  equal  to  the 
inert  flow  because  of  the  very  dilute  system  and  can  be  calculated  with  equation  (11). 

Since  the transport of inert is determined  almost  entirely by viscous flow Jvisc is independent  of  the 
position  in  the  membrane.  If  the  pressure  difference  over  the  membrane is small  compared  to  the 
pressure  level  integration of equation (1 1)  results in an  almost  linear  pressure  drop through  the 
membrane.  Transport  of H2S and S02 is then  described by equation (12). 

DYff 
Ji = xi@) Jvisc - ( xi(z) - L d z  

Boundary  conditions  required  for  integrating  equations (12) are  the  molar  fractions of H2S at  the 
membrane  interface at the H2S side and  of S 0 2  at the S02  side for the  molar  flux  of H2S and S02 
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respectively. The resulting equations are applied at the reaction plane a=6, where  the molar 
fractions o€HzS and SQ2 are equal  to  zero  and the molar  fluxes are given by equations (13 - 14). 

= - 
L 

(13) ( ( W'F %SC I"2 - l -exp -- - -> &r 
'av D& 'avL 

H2S 

In order to simplifj the  representation of the  equations  three  constants are introduced  presented  in 
equations  (15a - 15c). 

& Di Pz-P1 
Ai =Jvïsc - - 

L 

The  molar fractions of H2S and S 0 2  at the  membrane interfaces are eliminated by combining 
equations (8) and  (13) €or H2S and equations (9) and (14) for SO2 using the condition of 
continuity of the  molar  fluxes  resulting in equations (16 - 17). 

JH2S = 
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- Jvisc ‘so2 
so, VlSC 

- X  J . exp (- C ) 
SO2 

Jso, - 
- 

A (6 -L) SO2 r 
VlSC 1) -k AsoFp( B 

To further simplify the  representation of the  resulting  equation  for  the  molar flux of H2S a  number 
of constants  and  variables  are  introduced  given  in  equations  (1 8). 

6 J  
= exp ( 

‘H2S 

6 J  
E = exp (- 
so, C 

Y =exp(- 
B 

A L  

(-r) Z = exp 
so2 

A B  SO, H2S 
m==-- 

AH,S BSO, 

Finally  the  location  of  the  reaction  plane 6, is eliminated by the  condition of stoichiometric  molar 
fluxes of H2S and S02 resulting  in  the  expression  given in equation  (19). 

The  only  variable present in equation (19) is Y which is calculated from equation  (19)  numerically 
by a root  finding  procedure.  The  molar flux of H2S is then  calculated by equation (20). 

97 



In the  absence Q€ a pressure  diffsrence  over the membrane  equations (19 - 20) should  give  the 
expression  presented in equation (5). M e n  the  pressure  difference is going to zero Jvisc and phi 
kcome zero  whereas Ei, Z and Y become 1, As these values cannot be substituted directly  in 
equation  (20) the factors l-Y and 1-Ems in the denominator of equation  (20) are obtained  from a 
first order  Taylor  expansion  resulting  after  some remgement  in equation (2 l). 

JH2S = 
bM2S 

H2s 'H2S 
B 

+ Y -  

By taking the limit of the  pressure  difference  over  the  membrane  going  to  zero,  and  substituting  the 
variable Y and the constants B, C and E by their expressions (see equations (15) and (1 S)) 
equation  (22) is obtained. 

The location of the riaction plane 6, must be obtained &om equation (19). Equation (19) can  be 
presented for convenience by equation (23). The definition of the constants Tl, T2 and T3 is 
obvious comparing  equations (19) and (23). . 

Substitution of the expressions for Y and m from equations (18) in equation  (23)  results  after 
rearrangement in equation  (24). 
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In order  to  obtain a linear  equation in 6, the  exponential  factors, all going  to 1 in the  absence  of a 
pressure  difference  over  the  membrane,  are  worked  out  using first order  Taylor  expansion.  Writing 
out  the  result and  neglecting  the  second  order  term in 6, yields  equation  (25). 

Sr = - Tl + T2 + T, 

The  numerator  and  the  denominator of equation  (25)  are  worked out using first order  Taylor 
expansion for the  factors l-Ei and 1-Z ultimately  resulting in equations  (26 - 27). 

A 
Tl- so2 + T (---) ASO2 AH2S 

2 B  SO, B H2S = - ASO$H2SJvisc (2 %OFSO: * 

Combining  equations  (25 - 27) and  substituting  the  expressions  for Bi  and  Ci  yields  equation  (28). 

b* = - L L 

- 'SO, D& SO2 - 'H,S Deff H2S 
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Defining kg as a continuum  diffusion coefficient divided by the thickness of a stagnant layer 6 
according to the f i b  model we see that equation @g), which  has  been derived from the model 
where a pressure  difference  over  the membme was present but decreased to zero is the same as 
equation (5) derived in absence of a pressure difference over the  membrane and therefore the &vo 
models prdict the same molar flux Q€ H$3 in the absence of a pressure  di€ference  over  the 
membrane. 



Chapter 5 

A HIGH TEMPERATURE  MEMBRANE  REACTOR  PART 2: 
AN EXPERIMENTAL STUDY 

Abstract 

The  Claus  reaction is used  to  verify  experimentally  the  previously  presented  transport  model 
(Sloot  et. al., 1991b) in a  non-permselective  membrane  reactor  with a mean pore  diameter of 350 
nm. Both at a temperature of 493 K and  at 542 K the experimentally  determined  molar  fluxes  are 
10 to 20% lower  compared  to  the  molar  fluxes  predicted  by  the  transport model.  Conversion 
measurements  performed at pressures  of 220 kPa  and 500 kPa  demonstrate  the  occurrence  of 
surface  diffusion as a  transport  mechanism  despite  the  large  pore  diameter  of  the  membrane. In the 
presence  of a pressure  difference over the  membrane  the  agreement of the  experimentally 
determined  molar  fluxes  and  those  calculated by the  transport  model is reasonable. 
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h part 1 a mathematical  mudel  was  presented  predicting the molar  fluxes  and  the  molar  fiaction 
profiles that describes ~EUIS~QI-~  with m ïnstantaneous, reversible reaction inside a porous 
membrane. 'This model is based on the socalled  'Dusty-Gas Model' (Mason  and  Malinauskas, 
1983) extended with surface  diffusion. In this part the membrane reactor is studied  experimentally 
and  the  molar flmes are  compared with the molw  fluxes  predicted by the mathematical  model  using 
parameters  that  have  been  measured  independently  (Sloot  et,  al.,  1991a). 

When the above  mentioned  Claus  reaction is assumed to  be instantaneous  and  irreversible  the 
derivation of the molar flux of &S as a function of the concentrations of H2S and SOz, in the b u k  
of the gas at the H2S and SO2 sides of the membrane  respectively, in the absence of a pressure 
diftierence  over the membrane is straightforward and  the  result is given in equation (2). 

v 
%s 

Deff 
w i t h N = L + -  +- so, * 6 

Do * 8 q  Do s02 

The  denominator in equation (2) represents &ree mass transfer resistances in series;  the  resistance 
of the membrane  and the resistances in the gas phase  outside the membrane at the pIZS and S 0 2  

side  respectively, The parameters 8Pr;?s and 8s02 represent the thickness of a stagnant  gas  film by 
which the mass transfer resistances outside the membrane are described. The mass transfer 
pameter kg, which is qua l  to the continuum  diffusion  coefficient  divided by h e  thickness of the 
stagnant gas film, kas k e n  measured experimentally in the membrane reactor as a function of 
presswe (Slmt et. al-, 1991a) and can be described by equation (3). 



The effective  diffusion  coefficients for H2S and S02  used in equation  (2)  consist of the 
contributions  of  both  diffusion  through  the  gas  phase in the pores  of  the  membrane  and  surface 
diffusion.  Assuming  cylindrically  shaped  pores,  a  Langmuir  adsorption  isotherm  and  describing 
surface  diffusion  by  Fick's  law,  equation (4) can be derived  for  the  combination of  both  transport 
mechanisms  (Sloot  et. al., 1991a). 

e.i€ 4 D:: cs  bi RT Dy Di, gas -t- d (1 + bi  P  xi, int o) (1 + bi P xi, int L) 
P 

(4) 

1 1 1 with - - - + - 

In equation  (4)  bi is the  adsorption  parameter  (Pa-l)  and CS the  concentration of adsorption  sites  on 
the surface (mole/m2). The  surface  diffusion  parameters  Di,s CS bi and  the  adsorption  parameter bi 
have  been  measured  independently  (Sloot  et. al., 1991a)  as a function of temperature  and  are  given 
inTable 1: 

Table 1: Surface  diffusion  parameters of H2S and SO2 

T (K) DiYs cs  bi  (mole /Pa s) b, (Pä') 

484 1.28 * 10-l~ ' 1.25 * 10-3 
521 1.60 10-l~ 1.00 * 10-~ 
557 9.4 * 10-l8 5.1 * 104 

498 1.1 * 104 
1.50 * 10-l~ 1.36 * 10-3 I 525 
7.4 * 10-l8 

1.31 * 10-l~ 9.0 * 10' 548 

soz 

The  mathematical  model  described  in  part 1 (Sloot  et.  al.,  1991b)  predicts  the  molar  fluxes  as  a 
function  of  the  gas  composition  at  both  sides  of  the  membrane  using  parameters  that  are  measured 
independently  and  therefore  no  parameters  to  be  fitted  remain.  These  calculated  molar  fluxes  are 
compared  to  the  experimentally  determined  molar  fluxes  here. 

Equation  (2) is rewritten  to  equation (5) by division by the  molar  fraction of H$ in the  bulk  of 
the gas. 

JH2S P Deff H$ P 2 Di: X 

X 
- - -*- +-*L, * 

H2S, bulk RT N RT N 
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A graphical  representation of the  experimental data is possible by plotting Jms/xms as a function 
of XSO~/XH~S.  'khe advantage of this way of plotting, see equation ( 3 ,  is that this equation 
contains only two variables, the molar firn of H2S divided by the  molar  fraction of H2S and the 

ratio of  the m o k  &actions of S 0 2  and H2S. From the molar  fractions of H2S and S 0 2  in the b u k  
of the gas  the  molar flux ~f H@ is calculated from the transport  model  described in part 1 and  the 
results  can be plotted in the same graph  as the experimental  data for comparison. 

The experimental setup used is given  schematically in Figure 1. 

Figme 1: Experimental  setup 

Hydrogen sulfide in nitrogen and suIfur dioxide in nitrogen, with molar  fractions of H2S and SO2 
of a b u t  1500 ppm, are fed to the membrane reactor by mass  flow  controuers, The outlet of the 
reactor at the S 0 2  side of the membrane contains a manometer  and  an  additional  mass flow 
controller. This mass flow  controller is used  to adjust the flow out of  the reactor at the S02  side. h 
this way  the pressure  difference  over  the  membrane is fixed at the desired  value. Both outlets of the 
reactor  contain a SW condensor  directly  after the reactor  to  prevent  plugging by  elemental  sulfur 
produced. The outlet of the reactor at the H$ side  of the membrane  contains a manometer  and a 
pressure reNator to fix the pressure in the membrane  reactor. Both outlets  can  either be purged or 
send to the andyzer in order  to k able to measure  conversions of H2S and SO2 simuItaneously or 
detemine the slip of  either H$ or S@* In addition  there is the possibility of analyzing the inlets of 
the reactor9  not  shown in Figure 1. The pressure  diffierence over the membrane is measured by a 
U-tube filled wih water  located at the inlet directly in front of the reactor. The reactor is made of 
stainless steel md consists of three parts; &e H2S chamber, the membrane holder afid the SO2 
chamber. The temperature of the reactor is contr~lled by an Ernotherm. The sealing of the 

104 



membrane in the  holder is described in detail  elsewhere  (Sloot  et.  al.,  1991a).  Gases  were  analysed 
by gas chromatografy  using a FPD detector.  The  column  used  was a Chromosil  column  operated  at 
323 K. 

The membrane  used is made of a-A1203 with  an average pore diameter of 350 nm and a 
thickness of45 mm. The  membrane  has  been  impregnated  with a saturated  solution of aluminum 
nitrate,  Al(NO3)3,  and  ureum,  CO(NH92,  in  water  at a temperature of about  373 K. After  drying 
the  impregnated  membrane  and  calcination  y-Al203  results,  the  amount  impregnated was 0.023 
g/m2. The porosity-tortuosity  factor of the  membrane E/% was determined to be 0.096 (Sloot  et.  al., 
1991a). 

4 .  Experimental results 

Conversion  measurements  have been performed at temperatures of 493 K and 542 K and 
pressures of 200  and 500 kPa. Conversions  were  determined  based on  both  H2S  and SO2, the 
average  conversion of H2S is calculated  using  equation (6): 

The  molar flux of  H2S  used in the  Figures  follows from the  average  conversion of H2S as 
calculated  from  equation (6) by division  by  the  membrane  area. 

In Figure 2 the results from  the  conversion  measurements at a temperature of 493 K and a 
pressure of 220  kPa  are  presented.  In  this  Figure  also  the  theoretically  predicted  results  are  shown. 
It  must be reminded  that  the  calculation of the  theoretically  predicted  molar  flux of H$ involves  no 
fitted  parameters  but  only  parameters  that  have  been  measured  independently. 

Figure  2:  Results  from  conversion  measurements at a temperature  of  493 K 
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In order to check whether the membrane is homogeneous  two series of experiments were 
per€ormed, the second h e  using reversed fed ,  so the H2S is fed to  the ,502 side of the  membrane 
and vice versa, compared to the first series of experiments. This check is important as the 
parameters  required in the theoretical prdiction of molar fluxes  were  determined  using eielher €low 
or diffusion measurements without reaction. h these measurements the components are 
transported ghr~ugh the entire membrane  whereas in the conversion  measurements  and S 0 2  

use  only part of the  membrane  before  reaction takes place.  From  Figure 2 it can  be  concluded that 
the  assumption  of a homogeneous  membrane is reasonable  and  that the catalyst is present through 
the entire  membrane. It is also clear Egme 2 that  the  experimentally  determined  molar flux of 
H2S divided  by  the molar fi-acti~n of H2S in the  bulk  of the gas at the I42S side of the  membrane is 
somewhat  lower  compared  to  the  theoretically  predicted  values,  especially at high values of the 
ratio of the molar fractions  of S02 and H2S. 

In Figure 3 the data from Figure 2 are plotted in an alternative  way, that is by division by the 
instead of the molar fraction  of &S. 

Figure 3: Results from conversion  measurements at a temperature  of 493 K 
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From  Figure 3 it can k concluded  that  the  highest  deviations of the  experimental data from the 
theoretically  predicted vdues occur at low  values of the ratio of the molar fixtions of W2S and 
so%. The fact that the experimental results are systematically lower compared to  the  results 
predicted  by  theory can mainly be attributed t~ two eEects.  Firstly, the theoretical  model assumes 
the  reaction  to be instantaneous  whereas in the  experiments some infhence of kketics of the claus 
reaction  might be involved resulting in somewhat  lower molar fluxes. Secondly, the parametersg 
i.e. the surface cliffision parameters of If2S and S 2, used  by the theoretical model  could be 
overestimated. It is possible that the  reaction  products,  elemental suIfur and  water,  can  adsorb 



which  results in a decrease of the  fraction of the  adsorption  sites  covered by H2S or S02. As a 
' result surface diffusion. of H2S and S02 is decreased.  Determination of the  surface  diffusion 

parameters  as  presented  in  Table 1 was carried  out  in  the  absence of elemental  sulfur and  water 
(Sloot  et. al., 1991a). 

A m e r  check  of  the experimental  data  concerns  to what extent  the  mass  balance of H2S and 
S02 is fulfilled  and  to  check  whether  the  ratio of the  conversion  of H2S and S02 is independent of 
the ratio of the  molar  fractions of H2S and Soa. This  should be checked as the location of  the 
reaction  zone inside the  membrane  changes  with  the  ratio of  the  molar  fractions of H2S and SO2 
and as a result part of the  membrane  that  had  been  in a H2S containing  gas now is in a S02 
containing gas or vice versa possibly giving a slow reaction between  the  membrane, or the 
impregnated  catalyst,  and H2S or S02. In  Figure 4 the  ratio of  the  conversions  of H2S and S02 is 
plotted  as a function  of  the  ratio  of the molar  fractions  of H2S and S02. 

Figure 4 Check  of  the  mass  balance  at  the  conversion  measurements  at 493 K 
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From  Figure 4 it  is concluded  that  the  agreement  of  the  conversions  of H2S and S02 is  reasonable 
although  the  conversion of H2S seems  to  be systematically  higher  compared  to  the  conversion of 
SO,, especially in the  situation with the  reversed  feed. 

To determine whether kinetics play a role in the conversion measurements at 493 K, 
measurements  were  also  performed at a temperature of 542 K. If kinetics of  the  Claus  reaction 
influenced  the  values of  the molar flux of H2S divided by the  molar  fraction of H2S in  Figures 2 
and 3 the fit of  the  experimental  data  by  the  results  predicted  by  the  theoretical  model  is  expected  to 
be improved at 542 K. In order to  study the influence of surface diffusion, conversion 
measurements  were  performed  at  two  pressures  i.e.  at 220 kPa and  at  5OOkPa.  In Figure 5 the 
molar flux of H2S divided  by  the  molar  fraction of H2S is plotted as a function of  the  ratio  of  the 
molar  fractions  of S02 and H2S and  in  Figure 6 the same data  are  plotted in the  alternative  way. 
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Figure 5: Results fjrorn conversion  measurements at a temperature of 542 K 
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Figure 6: Results  from  conversion  measurements at a temperature of 542 R 
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From  Figures 5 and 6 it can be concluded  that the experimentally detemined values are somewhat 
lower  compared to the values  calculated by  theory.  Again it should be noted  that the theoretical 
model  uses ~ n l y  garameters  that  were  determined  independently  (Sloot  et. al., 1991b) and  contains 
no fitted parameters. The clifference between the  results  measured at a pressure of 220 €c.Pa and  at 
500 Wa is remarkable and is caused entirely by the increase of swface diffusion, As the gore 
diameter of the membrane is 350 m, transport at a pressure of  220 Wa already  takes glace 
completely in the continuum regime. As the continuum diffusion coefficient is inversely 
proportional to the pressure the  molar flux owing to diffusion hough the gas  phase in the  pores of 
the membrane is independent  of the pressure and no dEerence of the experimentd  data  at 220 Wa 
and 500 Wa in Figures 5 and 6 is expected.  The transport owing to surface  diffusion  however9 is 
linearly  proportionaI to the pressure  provided the hction of the  adsorption  sites  covered  by H$ or 



S02 is small.  Therefore  the  total  molar  flux  of H$ and S02  increases with  pressure  as  can be seen 
in Figures 5 and 6. These  experimental  data  demonstrate  that  despite  the  large  pore  diameter of the 
membrane  surface  diffusion  causes a considerable  part  of  the  total  transport. 

From  the  experimental data at a pressure of 500 kPa  in  Figures 5 and 6 it  appears  that  the 
agreement  with  the  theoretically  calculated data is good in case  the  molar  fraction  of H2S is high 
compared  with  the  molar  fraction  of S 0 2  and  worse at relatively  high  molar  fractions  of S02. The 
most likely explanation for this is that the surface diffusion parameters for S02,  which are 
important at the  pressure of 500 Way are  not  correct  although  their  values  have  been  measured 
independently  (Sloot  et. al.,  1991a). 

To check the  agreement of the  experimentally  determined  conversions of H2S and S02 their 
ratio is plotted as a function of the  ratio of  the  molar  fractions  of H2S and S 0 2  in  Figures 7 and 8 
for a pressure of 220 kPa  and 500 kPa  respectively. 

Figure 7: Check  of  the  mass  balance  for  the  conversion  measurements  at 542 K and 220 kPa 
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Figure 8: Check  of  the  mass  balance for the  conversion  measurements  at 542 K and 500 kPa 
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At a pressure o€ 200 Wa the ratio o€ the  conversion  of H2S and SO2 is systematically  slightly 
higher-compared to the  stoichiometric ratio of 2. At a pressure of 500 Wa this ratio is better 
fulfilled on the  average  however a slight  decrease with the  ratio  of  the  molar  fractions of pI2S and 
SO2 is present.  Nevertheless  the  mass  balance is f ~ l l e d  reasonably in the  experiments. 

As in practice a pressure difference over the  membrane  can occur it  is important  to  check 
whether such a pressure  difference  results in slip o€ the  reactant at t.he high  pressure  side  of  the 
membrane. Some  conversion  measurements  were  carried  out in which a pressure  difference  over 
the  membrane is applied with  the highest pressure at the H2S side of the membrane.  These 
measurements  were ger€omed at a temperature of 551 R and an  average  pressure  between 365 and 
505 P a .  The change Q€ the  flows at both sides of the  membrane owing to  the  pressure  difference 
over  the m e m h e  was fixed by the mass flow controller in the  outlet  of  the  reactor  at  the S 0 2  side 
of the  membrane  (see  Figure 1). In these  measurements  no  substantial  slip of W2S at the SO2 side 
of t.he membrane was observed. h Figure 9 the ratio of the  experimentally obseyed molar flux of 
H2S, using  equation 6, and  the  theoretically  calculated  molar flux is plotted as a function of the 
pressure  difference  over  the  membrane. 

Figure 9: Conversion  measurements in the  presence  of a pressure  difference  over the  membrane. 
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From Figure 9 it can k concluded  that  the  agreement  between  the  experimentally  observed  molar 
flux  and the theoretically calculated molar flux of M2S approaches  to 1 with higher  pressure 
difference over the membrane. This is probably caused by the fact that at higher pressure 
differences  over  the  membrane  viscous  flow becomes  important  as a ~ E U I S ~ Q I - ~  mechanism  thereby 
shifting  the  reaction  zone  towards  the IOW pressure  side of the  membrane,  i.e.  the SO2 side  of  the 
membrane. This reduces the relative contribution of surface diffusion of SO2 as a transport 
mechanism  whose  parameters are not accurately known under  actual  conversion  conditions. 

The  mathematical  transportmmiel  describing transport and reaction in the  membrane  reactor is 
verified expefimentdly using the Claus reaction as a model  reaction. WesuIts from conversion 



measurements at temperatures  of  493 K and 541 K are shown to be 10 to 20% lower  compared  to 
the molar fluxes  predicted by the  theoretical  model.  Conversion  measurements  performed at 
pressures  of 220 kPa and 500 kPa demonstrate  the  Occurrence  of  surface  diffusion  as a transport 
mechanism  despite  the  large  pore  diameter of the  membrane  of  350 nm. Measurement in the 
presence of a pressure  difference  over  the  membrane  were  performed  at  a  temperature of 551 K. 
Despite  the  relatively  large  pressure  difference of  up to  0.7  bar  no  substantial  slip  of H2S  to the 
S02 side of the membrane  was  observed. The  agreement  between  the  experimentally  observed  and 
the  theoretically  calculated  molar flux of H2S was  reasonable. 

Notation 

bi 
ci, bulk 

CS 
DOi 

Diy eff 

DOi, K 

Di,S eff 

dP 
Ji 
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R 
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E 
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Chapter 6 

A NON-PERMSELECTIVE MEMBRANE  REACTOR  FOR THE SELECTIVE 
CATALYTIC  REDUCTION OF NITRIC  OXIDE  WITH  AMMONIA 

Abstract 

A novel  type  of  reactor is developed for the catalytic  reduction  of NO, with NH3.  In this  reactor 
a porous  membrane is used  to  keep  the  reactants  separated  from  each  other  and  to  carry  out  the 
reaction  in a controlled way inside  the membrane. As the  rate  of  reaction is fast compared  to  the 
diffusion  rate  of  the  reactants,  the  molar  fluxes  of  both  reactants  are in stoichiometric  ratio  and  slip 
of reactants  to  the  opposite  side of  the  membrane is prevented.  The  advantage of this  reactor is the 
possibility  to  obtain  high  conversions of NO, despite  fluctuating  concentrations of NO, without 
severe  slip of NHS.  This  membrane reactor has been  tested  experimentally  and it  is demonstrated 
that it is able  to  cope  with a varying  ratio  of  concentrations of NO, and NH3 without  detectable  slip 
of N H 3  or NO, at a temperature  of 569 K. 
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Selective  catalytic  reduction  of NOx with NH3,  the smalled SCR reaction,  using a V205 catalyst 
2 support is widely  regarded  as a prodsing method  to  reduce  the  emission of NO,. In 

order to develop  processes for this  reaction there a.re two important aspects  to  be  solved;  the 
development of selective,  highly  active  catalysts and t.he development of a reactor  suitable to carry 

out the catalytic  reduction, 
Irm fitewture  most  attention is facussed on the de~el~pment of catalysts for the S 

an  extensive  review is given by  Bosch  (1988). NOx consists  mainly of NO and N02, or its  dimer 
(Gmeh, 1934).  %He  main, desired  reactions of NOx with M 3  in the presence of oxygen 

are given in equations (1 - 3). 

It  is known from literature (Kat0  et. al., 1981a,  Tuenter  et.  al.,  1988)  that  the  kinetics of reaction 
(3) are  higher  compared to the  kinetics  of  reactions (l) and (2).  Besides the reactions  (1 - 3) also 
the  formation of N20 has been reported as a product  (Tuenter  et. d., 19SS),  however, occuning 
mainly at temperatures  above  573 K. At  these  temperatures  also the extent of the  oxidation of NH3 
increases  (Kato  et. al., 1981b, Vogt  et. al., 1988). In literature it is observed  that  oxygen  plays an 
important  role in the  reaction of NO with NH3  (Kato  et. al., 1981a,  Inomata  et. al., 1982,  Tuenter 
et. al., 1988).  The  proposed  mechanism  assumes two oxidation  states of the vanadium: Vs+ and 
V&. In the reaction of NO with NH3 Vs+ is reduced  to V4+ which is reoxidized by the oxygen in 
the gas (homata et. al., 1980,  1982,  Janssen  et. al., 1987a and  b). 

A number  of  catalysts  have  been  studied in literature  mostly  using  V205 on Al203 (BauerIe  et. 
al., 1978,  Inzomata et, al., 1982,  Nam  et. al., 1986, Wong and Nobe, 1986) or on Ti02 Unomata 
et, al, 1982, Wong and Nobe, 1986,  Vogt et. al., 1988),  the last ones giving the  highest  kinetics. 
Also catalysts  based on stainless  steel  have  been  reported  (Sadakata  et. al., 1985,  Willey  et. al., 
1985). 

Far  less  attention  has  been  paid in literature  to  the  development  of  suitable  reactors for the SCR 
reaction dthough this is a very  important  issue. As the ammonia content of the flue gas  treated 
must k limited  to  only 5 ppm  (Janssen  et. al., 1986) severe  restrictions are imposed on the  reactor 
and on the  amount of pJH3 that  must be fed to the flue gas. h order  to  obtain  high  conversions of 
NO, the  amount  of NH3  added  has  to be regulated  extremely  well  as insufficient W 3  supply 
results  in a limited  conversion of  NOx  whereas an excess of NH3 gives  an  undesired  slip of W 3 .  

To compkate this control problem, the concentration of NOx in the flue gas  fluctuates  usually. In 
literatme a few  suggestions have  been presented t0 solve the problem of N H 3  supply. V ~ g t  et. al. 
(1988)  suggested t~ use an excess  supply of N H 3  and  remove the remaining NH3 after the SCR 
reaction by selective  oxidation  to N2 at a higher temperature.  Disadvantages are the increased 
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amount  of N H 3  required for the de-NO,  process and  the  necessity of  heating the  flue  gas in order 
to convert  the  excess of NH3.  The  use of a chromatographic  reactor with periodically  reversing 
flow  was  suggested  by  Agar  and Ruppel(l988). By  periodically  reversing  the  flow  direction NH3 

can be concentrated in the center of  the reactor by  which the  problem of exact  stoichiometric 
addition  of N H 3  is solved  whereas  slip  of NH3 remains  negligible.  However  large  reactor  volumes 
will be required or short  cycle  times  will be be necessary. 

An  alternative  solution for the  stoichiometric  addition of N H 3  could  be  the  membrane  reactor 
which  was  developed by Sloot et.  al.  (1990). This  membrane  reactor  was first proposed for the 
catalytic part of the  Claus  process  in  which H2S reacts  with S02, a system  that  suffers  from  the 
same  problem of stoichiometric  supply  of  reactants.  In  this  reactor a porous,  ceramic  membrane  is 
used  to  keep  the  reactants, NO, and N H 3  in this  case,  separated  from  each  other  and  to  obtain a 
controlled  stoichiometric  feed of NHS.  Flue  gas  containing NO, is fed  to  one  side, a gas  with N H 3  

added is  fed to  the other side of the  membrane.  As no pressure  difference  over  the membrane is 
applied  both  reactants  diffuse  from  opposite  sides  into  the  membrane,  which is impregnated with a 
catalyst for the  SCR  reaction,  and react inside  the membrane.  Provided the  rate of the  reaction  is 
fast  compared  to  the  diffusion  rates  of  the  reactants, a small  reaction  zone  inside  the  membrane  will 
occur preventing slip  of  reactants  to  the  opposite  side of  the  membrane,  The  location of  this 
reaction  zone is such  that  the  molar fluxes of NO, and N H 3  are in stoichiometric  ratio. If the 
concentration  of  NO, increases the  molar  flux of  NO, into  the  membrane  increases  resulting  in an 
excess  of NO, at  the  reaction  zone  that  diffuses  further  into  the  membrane  to  react  with NH3. As a 
result the  location of the  reaction  zone shifts towards  the N H 3  side of the  membrane, As the 
distance from the  membrane  interface  to  the  reaction  zone is increased for NO, its  molar  flux 
decreases and  vice  versa for NHS.  Finally  the  ldcation of the reaction  zone  inside  the  membrane 
will be such  that  the  molar  fluxes  of  NO,  and N H 3  are in stoichiometric  ratio  again.  In  Figure 1 the 
concentration profles are  presented  schematically. 

Figure 1: Concentration  profiles 
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h Figme 1 besides &e mass  transfer  resistance of the membrane  also  mass  transfer  resistances in 
the gas phase  outside &e membrane are shown. As pemselectivity is not of i ~ ~ ~ p ~ m t a ~ ~ e  in  this 
membrane reactor the pore  diameter of the membrane is chosen  relatively large in order to  operate 
in the continurn regime. This results in a relatively small mass transfer resistance of the membme 
giving high molar fluxes and therefore small membrane area  required.  ecause of  the  relatively 
small  mass transfer resistance of &e membrane, the mass  transfer  resistances in the gas phase 
outside the membrane cannot be negkctal- 

The outlet of the reactor at the NI33 side of tke membrane,  containing the excess of M 3 ,  is 
recycled  &er  addition of pure ammonia. h this reactor NO, and NIH3 are always  supplied in 
stoichiometric ratio and slip of NH3 is prevented by the fast chemical reaction inside the 
membrane. Instead of instantaneous adjustment of the NI33 supply as is required when a 

convendonal reactor is used, the N H 3  supply in the  membrane reactor has only to  be in 
stoichiometric  ratio  averaged in time. 

Recently at Twente  University  Zaspalis (1990) studied  the  applicability  of a similar membrane 
reactor for the de-NO, process  using a Al933  membrane  with a Ti02 toplayer with 5 nm  pores 
which  contained the V205 catalyst. Slip of N H 3  could,  however,  only  be  prevented by  using a 

smal l  pressure  difference  over the membrane 

If the rate o€ the irreversible  reaction is assumed to be instantaneous  compared  to the diffusion 
rate of the reactants, a reaction plane inside the membrane  results at location ar and  the  molar flux 
ob' NOx and NH3 can be expressed by  equations (4-5). 

v 
int 

v 
int 

The molar fluxes of NOx and NH3 are directed  oppositely.  The  mass  transfer  resistances  in the gas 
phase  outside the membrane are taken  into  account  by  equations (6-7). 
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The  molar  fractions  of NO, and N H 3  at  the membrane  interface  are  eliminated by  combination  of 
equations (4-7). Finally  the  location of  the reaction  plane, a,, is eliminated by  the  condition  of 

stoichiometry  of  the  molar fluxes of NO, and NH3 given  by  equation (8) which  results  in  equation 
(9)- 

T 

In  equation (8) VNH3 is the  stoichiometric coefficient which is equal  to  the  number of  NH3 
molecules  that  react with 1 NO, molecule.  Depending  on  whether NO, consists  of  NO or NO2 or a 

combination  of  both,  this  coefficient  varies  between 1 and  1.33  (see  equations  (1-3)). 

Deff buk 

x% eff bulk 
DNOx  'NOx 

vNH, 
,eff I eff 

P * -  
RT 

The  denominator in equation (9) consists  of  three  resistances  in  series,  the  membrane  resistance 
represented  by  the  membrane  thickness L and  mass  transfer  resistances  in  the gas phase  outside  the 
membrane at the NO, and at the NH3 side of the  membrane.  The  numerator  in  equation (9) 
contains  the  effective  diffusion  coefficients  of N H 3  and NO,, the  molar  fractions  of N H 3  and  NO, 
in  the  bulk  of  the  gas at the N H 3  and NO, side  of  the  membrane  respectively  and  the  stoichiometric 
coefficient v m .  The  mass  transfer  parameter  outside  the  membrane, kg, has  been  measured  as a 
function of  pressure in an experimental  setup  used for the  study  of  the  Claus  reaction (Sloot et.  al., 
1991) which  was  identical  to  the  setup  used  in  the  present  study.  The kg values  measured  for SO;! 
as a function of  pressure  at a temperature  of 534 K is presented in equation (10). 

with P in  105  Pa 

The kg values  determined  with SO2 can be used  to  estimate  the kg values of NO, and N H 3  in  the 
present  experimental  setup.  With  these  values of  the  mass  transfer  parameter kg and  the  effective 
diffusion  coefficients  obtained  from  conversion  measurements,  the  relative  contribution  of  the 
terns in  equation (9) reflecting  the  mass  transfer  resistances  in  the  gas  phase  outside  the  membrane 
can be calculated  to be  about 25% of  the  membrane  thickness L of 4.7 * 10-3 m. Therefore the 
denominator in equation (9) is replaced by  1.25  times the  membrane  thickness L. In  order  to 



reduce the number of v&ables h m  three to two, which makes a graphical  representation of the 

experimental data  possible,  equation (9) is divided by the molar fraction of NH3 in the bulk of the 
gas at the NH3 side of the membrane, resulthg in equation (1 l). 

When the IW~Z flux of NO, divided by the molar  fraction of N H 3  in the buk of the gas at  the 
m3 side of the membrane is plotted as a function of the ratio of the molar fractions of NO, and 
NH3 in the buk of the gas, a straight line must result. From the intercept  and the slope of this line 
the effective diffusion coefficients of NOx and NI33 can be calculated respectively. The 
stoichiometrie cmEcient, v=, can be determined from the experimentally observed mass balance 
ktween NH3 and NO, or fixed at SOITUS value between l and  1.33 (see equations  (1-3)). 

3 e Expesimermtal setup 

The experimental  setup  is  given  schematically in Figure 2. 

Figure 2: Experimental  setup 
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NO in N2 (1500  ppm) is fed  to  one  side of  the  membrane  and NH3 in N2 (1500  ppm)  and O2 (6%) 
is fed to the other side of the  membrane  by  mass  flow  controllers.  Both reactor chambers  are 
stirred  and  considered  ideally  mixed. The reactor is made  of  stainless  steel  and  consists of three 
parts, the NO, chamber,  the N H 3  chamber  and  the  membrane  holder  held  together  by  bolts.  The 
sealing of the membrane  has  been  described  in  detail in a previous  chapter  (Sloot  et. al., 1991a). 
The  reactor is heated  electrically  and  the  temperature is controlled.  The  outlet  of  the  reactor at the 
NO, side of the  membrane  contains a mass flow  controller  which is used  to control  the  flow  rate 
out  of the  reactor  and  thereby  the  pressure  difference  over  the  membrane.  The  outlet of the  reactor 
at  the N H 3  side  of  the  membrane  contains a valve  to  regulate  the  pressure  in  the  reactor  itself.  The 
pressure  difference  over  the membrane is measured  by an U-tube  filled  with  water  placed  directly 
at the  entrance of the  reactor.  Both  the  outlets  of  the  reactor  can either"be purged  or  sent  to  the 
analyzer. Analysis of NO, NO, and N H 3  is performed by a dual channel Monitor Labs 
chemiluminescent  analyzer.  As  this  analyzer  requires  low  concentrations (50 ppm at most)  of NO, 
and NE33 and large gas flows only a part of the  gas  to be analyzed is used for analysis,  the 
remaining  gas is purged.  The  amount of sample  gas  to be sent  to  the  analyzer is controlled  by a 
mass  flow  controller as is the  flow  of  air  used  to  dilute  the sample  gas. A back  pressure  valve is 
used  to  maintain a constant  pressure  for  the  mass  flow  controller in the  sample  gas. 

In Figure 3 the  chemiluminescent  analyzer is presented  schematically. 

Figure 3: Chemiluminescent  analyzer 
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me chemiluminescent malyzer consists of two chmds,  the N channel md the m3/ì?mx 

x channel  contains a molyMenum  convefler to convert 2 to NO md measures 
NO plus P Q 9  bypassing this converter gives the NO content only. The bypass of the 
molybdenum converter contains an adjusting vdve t~ maintain the presswe &op equal t~ the 
pressure &op QWX the molybdenum converter. It is well known from Iiterataare that the 
molybdenum converter ody works properly if N H 3  is removed from the sample which is done  by 
a scrubber  containing  concentrated ph~spho~ic acid (Wang et. al., 1984, Janssen et. a l . 9  1986). 
The PdH3/paQx channel contains a stakdess steel converter at a temperature of 750 O e  which 
C O ~ V ~ I X S  FEI3 ZI.YICI N02 to NO- 

The membrane used was made of a-AH203 and  was obtained from ECN, Petten, The 
Netherlands. The membrane  was  impregnated  with a saturated sdution of ammoniumvanadate, 
NH4V03, with oxalic acid, H2C2042H$l (Bauerle et. al., 1978, Nam et. al., 1986). After drying 
the membrane was calcined at a temperatwe of 770 K The average  pore dimeter was  determined 
by  porosimetry  using  mercury. The VQ~LUII~ averaged  pore dimeter was determined to be 507 nm. 

Although this catalyst  cannot be considered as the  best suitable for the SCR reaction, its activity 
is reasonable (Inomata  et. al., 1982, Wong et. al., 1986) and the objective of  this  paper is to 
demonstrate the possibilities  of  the  membrane  reactor for the SCR process  and  not to  optimize  the 
catalyst. 

Before the performance  of the membrane reactor was  studied  the reactor was first bypassed, and 
the malyzer was  tested. Starting with a mixture of NO in N2 the analyzer was  calibrated by 
adjusting the signals from the NO, and NH@& channel  to the same chosen  response.  The  valve 
in the bypass  of the  molybdenum  converter  was set at a position  where  bypassing  this  converter 
resulted in the same signal. 

Next  calibration  curves of NO and NH3 were  determined by feeding the analyzer with  different 
in N2 and NH3 in N2 successively.  In  case of NH3 in N2 also 6% %f 0 2  was 

d that plotting the signal of the analyzer as a function of the NO 
concentration, a straight line through the origin was  obtained,  bypassing  the  Mo-converter  resulted 
in  the same signal and therefore no N02 formation had occurred. For a nearly identical 
straight  line was found. This  line  did  not go precisely through the origin. From these 
measurements ìt can be concluded that conversion  of N H 3  to  NO in the stai 
complete  and  selective. Alsca it can be concluded that a possible  reaction 
converter  with NH3 dms not  cur- Therefore  quantitative  analyses  of NO or pdw3 in an air stream 

was diluted with air and the €onnation  of N02 by oxidation of NO was  verified,  with 
the reactor  still  bypassed, In Figure 4 the plus N02 signal and the N 
bypassing the Mo-converter, are plotted as nction of the concentradon 



Figure 4: Oxidation of NO to NO2 in the  gasmixing  analysis  section  before  dilution 
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From  Figure 4 it is  concluded  that  substantial  oxidation of  NO  to N02 occurred.  From  the  straight 
line  obtained for the NO+N02 signal it  is concluded  that  the  Mo-converter  quantitatively  and 
selectively  converts NO;! to NO. So quantitative  analyses  of NO and N02  is possible. As the  final 
dilution  of NO in N2 before  the  analyzer  with  air  did  not  result  in  the  formation of N02, NO 
oxidation  must  have  taken  place  in  the  setup  before  dilution  with air for  the  analyzer. To determine 
the  location  of  this  NO  oxydation two additional  experiments  were  performed  varying  the  residence 
time in different  parts of  the  setup.  By increasing  the  flow of  NO with  air  through  the  setup  up  to 
the  mass flow controller  just  before  the  dilution with air  for  the  analyzer ($max = 0.44 ln/hr),  the 
residence  time in the  first  part  of  the  setup, up to  the  back  pressure in Figure  2,  was  decreased. 
This did not  result in any change of  the  NO  conversion  measured.  Increasing  the  residence  time in 
the  tubing  section  which  contains  the  mass  flow  controller  before  the  dilution  with  air  (see  Figure 
2),  however  resulted  in  a  considerable  increase of  the  NO  conversion  to N02. Therefore it  is 
concluded  that NO  oxidation  took  place in this part of  the  experimental  setup. 

Next  NO  and N H 3  were  premixed in  different  concentration  ratios  and  fed  simultaneously  to  the 
analyzer,  bypassing  the  reactor.  In  Figure 5 the  observed NO,  and NH3 signals  are  presented  as  a 
function of the  concentration. 

Figure 5: NO and N H 3  fed  simultaneously  to  the  analyzer 
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Substantial  deviations t b n a  the expected straight h e s  were  observed  especially €or 
CQnCentratiQns. A S  b& the x and the NH+Ox channel show a deviation from the straight 
line, the cause of these deviations is located somewhere  before the sample is split in the mallyzer. 
me most me1y exphation is a reac th  between No, or No2, with m3 in the tubing  section 
which contains the mass flow controller for the d i h t i ~ ~  with air for the malyzer. Especially the 

combination  of low N E 3  concentdons combined with relatively  high NOx concentrations  results 
in substantial  deviations of the N H 3  sipalil, The shultmeous presence of both NOx and N H 3  in 
the gas to k mdyzed must therefore k avoided. As in the  membrane  reactor the gas containing 
NOx and the gas containing NH3 remain separated by the membrane  this  limitation of the malyticd 
technique is not a problem because both exits of &e membrane  reactor  can k anallyzed  separately. 
To determine  qualitatively  possible  slip of NOx to the M I 3  side of the membrane the analyaer can 
still k used  as the deviations  for  NOx at Bow concentrations are negligible as can be seen in Figure 
5. However  analyses of N H 3  slip to the NOx side of the membrane is not possible with  this  setup, 
see Figure 5. Therefore  analysis tubes (Dräger)  containing a solid  packed  bed  reacting  selectively 
with m3 giving a change of c~ low were used to obtain a qualitative  impression of the  slip of 

m3 - 

Before  using the reactor as a membrane reactor oxidation of NO to NO2 and of N H 3  were 
determined as a function of temperature. N 8  in N2  was mixed  with air, fed to the  reactor  and 
forced  through the membrane. In Figure 6 the conversion  of NO to  NO2 is  plotted as a function of 
the temperature in the reactor. 

Figure 6: Conversion of NO to NO2 as a function of temperature 

In Figure 6 also the  conversion obtained when bypassing the reactor has been plotted, As can be 
seen from Figure. 6 the conversion with the reactor is higher md decreases with temperature, The 
decrease of the conversion with temperature is caused by decreasing  kinetics with temperame as 



has  been reported in literature  (Gmelin,  1934).  According  to  Gmelin  (1934)  the  oxidation  of NO  to 
N02 takes  place in two steps, a fast equilibrium  reaction  giving an intermediate  product  followed 
by a slow  consecutive  reaction.  The  equilibrium of  the fist  reaction is shifted  to  the  reactant  side 
by increasing  temperature  resulting in a decrease of the  concentration of  the intermediate product 
and  thereby  the  kinetics  of  the  consecutive  reaction  which  more  than  compensates  the  increase of 
the kinetic constant  with  temperature.  This results in  an overall decrease of  the  kinetics  of  the 
oxidation of NO to NO2 with  temperature,  The  conversion  obtained  when  the  reactor is bypassed 
is caused by  the tubing  section  which  contains  the  mass  flow  controller for dilution of  the  gas  for 
the  analyzer as was  discussed  before  (see  Figure 4). As the  reactor is located  in  front  of  this  tubing 
section it cannot be  concluded  from  Figure 6 that  the  conversion  obtained  in  the  reactor  is  equal  to 
the difference between  the  conversion  with  and  without  the  reactor.  Therefore it can  only  be 
concluded  that in the  reactor both NO and N02 are  present. 

Next  the  oxidation  of N H 3  in the  reactor was studied as a function of  temperature by forcing a 
gasmixture of N H 3  in N2, also containing 6 % of 02, through  the  membrane. In Figure 7 the 
conversion  of N H 3  is presented  as a function  of  temperature. 

Figure 7: Oxidation  of N H 3  as a function  of  temperature. 
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In Figure 7 both  the  conversion  of N H 3  in  the  empty  reactor  and  the  conversion in the  presence  of 
the  membrane,  impregnated  with  the  catalyst, is presented. As can be  seen  from  Figure 7 N H 3  

conversion in the  empty  reactor  starts  at a temperature  of  525 K. However, in the  presence  of  the 
membrane  the  oxidation  of N H 3  already  takes  place at a temperature of 425 K. As no NO, 
forrnation  has  been  observed,  this  in contrast to  Odenbrand  et.  al.  (1988),  the  product  of  the 
oxidation of N H 3  is probably N2 or N20, which  has  not  been  analyzed.  Oxidation  of N H 3  either 
directly  results in N2 formation  or  the  intermediate NO, reacts fast with  the  remaining N H 3  giving 
NZ. The substantial  oxidation of N H 3  by  the  membrane  at  temperatures  above  450 K is a result of 
the  combination  of  the  catalyst  and  the  support  used  agd is contradictory  to  the  results  from  Kat0 
et. al. (1981b)  who  observed  no  oxidation  of N H 3  up  to 575 K. However,  the  study of  this  paper 
is the  development of  an  alternative reactor for the catalytic reduction of NO,  and  not  much 
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attention  has hena paid to the catalyst and its  support. 
Finally  conversion  measurements were carried  out to demonstrate the pehfoHmmce and  usability 

of the membrane reactor. NO in N2 was fed to owe side of the membrme and N H 3  in N2> 
containing dso 6% was  fed  to the Q ~ X  side of the membrane.  No  pressure  difference  over  the 
membme was app . Both exit streams of the reactor  were  analyzed sepmte~y and slip of 
to the NO, side of the membrane was checked  by the test  tubes.  Conversion  measurements  were 
performed at two temperatures, at 467 K arad at 569 R, At the temperature  of 467 K two series of 
measurements  were  carried  out at diSerent pressures of 260 Wa and ae 400 Wa to  check  whether 
the trmsport mechanism is only diffusion though the gas phase in the pores of the membrane. In 
case of the Claus  reaction, a reaction between H# and SO;! giving S and H2Q a substantial  part of 
the trans po^^ in &e membrane appeared  to be caused  by  surface  diffusion  (Sloot, 1991) despite  the 
large p r e  diameters of the membrane of 350 nm  used. As, owing to the large  pore  diameter of the 
membrane,  diffusion  through the gas  phase in the  pores  of  the  membrane  takes  place in the 

continuum  regime the resulting  molar  flux is independent of  pressure.  The  molar flux owing to 
surface  diffusion,  however, is proportional  to the pressure  provided the fraction  of  the  adsorption 
sites  occupied  remains  relatively  small. This difference in pressure  dependence  can be used to 
discriminate  between  diffusion  through the gas  phase  in  the  pores ofthe membrane  and  surface 
diffusion. 

In Figme 8 the conversion of NO,, consisting of NO and NO2, divided by the  molar  fraction of 
N 3  at the NH3 side of the membrane is plotted as a'function of the ratio  of the molar  fractions of 
NO, and M 3  (see equation 11) both at a pressure of 260 Wa and at 600 Wa. 

Figure 8: Conversion  measurements at 467 K. 
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To check t.he results of the conversion  measurements, the slope  and  the  intercept in Figure 8, the 
same experimental data are plotted in an alternative  way i.e. by division  by  the molar fraction of 
NO, innstead of NX3. The result is given by Figure 9. 
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Figure 9:  Conversion  measurements  at  467 K plotted  in  an  alternative  way. 
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From  Figures 8 and 9 it is concluded  that in both  cases a straight  line is obtained  that  does  not go 
through  the  origin.  The  mass  balance  between NH3 and NO,, deterrnined  by  the  ratio of the 
conversion of N H 3  divided by the conversion  of NO,, varied  between 1.00 and  1.16  which  is  in 
excellent  agreement  with  the  value  of v m  expected  between  1.00  and  1.33  (see  equations  (1-3)). 
At a ratio  of  the  molar  fractions  of N H 3  and NO, of 1.5 and  higher,  some  slip  of NH3 was 
detected  to  the NO, side  of  the  membrane.  Slip of NO, was  not  detected at ratio's of the  molar 
fractions of NO, and N H 3  of 4 and  lower.  Therefore it can  be  concluded  that at a temperature of 
467 K the  kinetics of the  SCR  reaction  are  not yet high  enough  to  completely  prevent  slip  of 
reactants. 

Conversion  measurements  were  also  performed  at a temperature  of  569 K and a pressure  of 260 
kPa. The  resulting  plot of the experimental data is p,resented in Figure  10. 

Figure 10: Conversion  measurements  at a temperature  of 569 K 
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The s k & t  line not gohg though the origin9 expected fiom equation 11, is observed again. No 
slip of NH3 or NOx was  observed, As at the  temperature  of  these  experiments  substantial  oxidation 
of NH3 should  have  occurred,  see Figure '7, the ratio of t.he conversions of M 3  and NO,, "m3, 
was studied  as a fmction of  the  ratio ofthe molar hctions of NOx and N H 3  in Figure 11. 

Figure P 1: Check of the mass  balance at the conversion  measurements at 569 K 
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In Figure 11 two straight lines are drawn which  present  the  expected  conversion ratio of M 3  and 
NO,, the  lower one assuming  that NO, consists  entirely  of NO and the upper one  assuming NO, 
present  entirely  as NO2 Surprisingly the experimentally  observed  ratio  of  the  conversions does not 
deviate  substantially fiom these values. This implies that no substantial oxidation of N H 3  has 
occurred  as this would  result in a value ~f cm/c*oX, which is equal to v m ,  higher  compared  to 
the  expected  value  between  1.00  and  1.33. The decrease  of  the  ratio  of  the  conversion of N H 3  and 
NOx with the ratio of the molar fractions of NOx and m3 can k explained by  the location of the 
reaction  zone inside the membrane. At high ratio's of the  molar  fractions of NOx and NH3, the 
reaction  zone is shifled  towards  the N H 3  side of the membrane. As a result the time  required  for 
PJH3 to diffuse in  the membrane to the reaction  zone is relatively small  which results in less 
oxidation of NH3. To check the results í Ï ~ m  the oxidation  measurcments  of NH3 as presented in 
Figure 7, these experiments were carried out again. The resulting data were  however  in  excellent 
agreement  with  those  presented in Figure 7- 

Next effective diffusion coefficients of NO, and NH3 are  calculated from the  slope and the 
intercept  obtained fmm Figures 8 to 10. h Table 1 the  values  of the effective  diffúsion  coefficients 
of  NOx and NH3 are presented, In this calculation a membrane  thickness  of 4.4 * 10-3 m was used 
and  the  stoichismetric  coefficient, v m ,  was set equal to 1.165,  the average  between 1.0, in case 
NO, consists  entirely of consists  entirely  of NO2 
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Table 1: Effective  diffusion  coefficients at temperatures  of  467  and  569 K. 

T (K) P ( 1 0 ~  Pa) 

467 2.6 

6.0 

569 2.6 

derived from results 
of  Figure  number 

8 
9 
8 
9 
10 

2.38 * 106 
2.40 * 10' 
1.18 * 10d 
1.13 * 10' 
3.2 * 10' 

D Z ~  (m2/s) 

3.56 * 104 
3.52 * 10' 
2.08 * 10' 
2.17 * 10' 
4.7 * 10-6 

From  Table 1 it can be concluded  that  the  agreement  between  the  effective  diffusion  coefficients of 
NO, and N H 3  at a temperature  of  467 K is excellent. 

To  compare  the  experimentally  determined  effective  diffusion  coefficients  with  those  expected 
fiom gas  kinetic  theory,  the  diffusion  coeficients  in  the  membrane  were  calculated. As this  requires 
knowledge  of  the  porosity-tortuosity factor of  the  membrane,  this  was  measured by permeation 
experiments. 

The  diffusion  coefficient in a straight  capillary  pore  can be  calculated  theoretically  by  equation 

(12). 

with D:,K the Knudsen  and D:inefi the  continuum  diffusion  coefficient  at 10 Pa 5 

The continuum  diffusion  coefficient is calculated  from  the  gas  kinetic  theory  (Reid  et. al.,  1977) 
and  the  Knudsen  diffusion  coefficient is calculated  according to equation  (1  3). 

In Table 2 the  ratio of the  experimentally  determined  effective  diffusion  coefficients  of NO, and 
NH3 and  the  diffusion  coefficients  calculated by  equation  (12) arè presented. This ratio is equal  to 
the  porosity-tortuosity factor of  the  membrane  and  should  be  constant,  provided  that  diffusion 
through  the  gas  phase in the  pores  of  the  membrane is the only  transport  mechanism. 
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Table 2: atio of the effective diffusion coeEcient and the dif€usisn coeffient in a straight 
capillary p r e  with a p r e  &ameter of 507 m. 

From Table 2 it can be concluded  that  for NOx the ratio of  the  experimentally  determined  effective 
dZhsion coefficient  and  the  theoretically  calculated  diffulsion  coefficient in a straight  capillary  pore 
is constant. For M 3  it can be  seen  that this ratio increases  with  pressure at a temperature of 447 
K. As diffusion  through  the  gas  phase in the pores of the  membrane almost entirely  takes  place  in 
the  continuum  regime, the coefficient for diffusion though the  gas  phase is inversely  proportional 
to  the  pressure. For surface  diffusion,  however, the diffusion coefficient is independent of the 

pressure  provided that the fraction of the adsorption sites occupied is relatively small.  The 
difference in the pressure  dependence of both tranport mechanisms is used  to  determine  whether 
surface  diffusion  contributes  to the total transport. As  the ratio of the  experimentally  determined 
effective diffusion coefficient of N H 3  and the  diffusion  coefficient in a straight  capillary  pore 
increases  with  pressures this seems an indication  that  surface  diffusion of N H 3  plays a role in the 
transport of N H 3  in the membrane.  Although a contribution of surface  diffusion  in a membrane 
with a pore  diameter of 500 nm is surprising this has also been observed for the  transport of H2S 
and S02 in similar membranes  (Sloot et, al., 1991). 

The porosity-tortuosity factor of the membrane, &/z, was determined by permeation 
measurements  with N2 at different temperatures, In these  permeation  measurements  pure N2 is 
forced  through  the  membrane  and  the  pressure &op over  the  membrane is measured as a function 
of the flow though the membrane. The transport through  the  membrane consists of  two 
con@íbutions;  Knudsen diffusion and viscous flow, and  can be described by  equation (14) (see  for 
instance Mason and Maliwauskas, 1983). 

Integration of equation (14) results,  after  some r e m g i n g ,  in  equation (15). 
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The  average  pressure  in  equation  (15) is a direct result  from  the  integration  and  therefore  it is not 
necessary  to  have a pressure  drop  over  the  membrane  that is small  compared  to  the  pressure  itself. 
When Ji / AP is plotted as a function of  the average  pressure a straight  line  must  result.  Both  from 
the  intercept  and  from  the  slope of  this  line  the  porosity-tortuosity  factor, E/%, of  the  membrane  is 
calculated. In Figure 12 the  experimental  permeation  data  are  presented,  both at a temperature  of 
293 K and  at  562 K. 

Figure  12:  Permeation  measurements carried out  with N2 
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In Table 3 the values  of  the  porosity-tortuosity factor, E/%, of  the  membrane,  calculated  from  the 
slope  and  the  intercept  from  Figure  13  are  presented. 

Table 3: Determination  of  the  porosity-tortuosity  factor  of  the  membrane 

293 K 

0.065  0.06 1 0.069 &/z from  the  slope 
o. 100 O. 105 0.095 d z  from the  intercept 

average 562 K 

The  agreement of the  values  of  the porosity-tortuosity factor, E/%, presented in Table 3 is 
reasonable when the two temperatures  are  compared.  However,  the  values  determined  from  the 
intercept and  those  from  the  slope  deviate  about 35%. As the  transport during the  conversion 
measurements is diffusion  and  not  viscous flow, the average  value of 0.100 as  determined  from 
the  intercept  are  used  for  further  interpretation. 
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When this value is cornpared  to  the ratio of the experimentally  determined  effective  diffusion 
coefficient  of NOx and W 3  and the diffusion  coefficient in a straight  capilIary pore with a diameter 
of 500 m, however9 a substantial difference is noticed. The t r ~ ~ t s g ~ f l  rate of NOx and NH3 
through the membme is substantially  faster CQ~~~XCXI  to the rate  estimated f?om gas h e t i c  t k o q  
using the porosity-tortuosity factor determined from the  permeation  measurements.  This is an 
indication of surface cliffitsion although from the conversion measurements at 467 K no 
contribution of surface  diffirsion of the magnitude  that  can  explain  this  difference is observed. 
More detailed study of the transport in the  membrane  would be required to explain these 
observations. 

6 .  concausiogns 

A novel  type of reactor  has  been  developed for the  catalytic  reduction  of NO, with NH3. In this 
reactor a pomus membrane is used  to  keep the  reactants  separated  from  each  other. The reaction is 
carried  out  inside the membrane  and  as the rate  of  reaction  is fast compared  to  the  diffusion  rate of 
the  reactants the ELQIZ fluxes  of both reactants  are in stoichiometric  ratio  and slip of  reactants  to the 
opposite  side ofthe membrane  is  prevented.  The  advantage of this  type of reactor is the  possibility 
of treating  gas  streams with fluctuating  concentrations  of NO,, The  applicability  of  this  membrane 
reactor is demonstrated  experimentally using an a-A1203 membrane  impregnated  with V2 
Temperatures used were  between 467 and 569 H, From these  conversion  measurements it is found 
that at a temperature  of 467 K the  reaction  rate is not  yet high  enough  to  completely  prevent  slip of 
reactants,  however, at a temperature  of 569 K no slip of reactant has  been  observed.  At  this 
temperature  the ratio of  the NH3 and the NO, concentration  can  vary  largely  without  the  occurrence 
of slip of  reactants. No slip of N H 3  to  the NO, side of the membrane  has  been  observed for the 
experiments per€omed at a temperature of 569 K- The  effective diffusion coefficients of NO, and f 

NE93 are higher by a b u t  a factor 2 compared  to the diffusion coefficients  calculated  theoretically 
using the  porosity-tortuosity  factor of the  membrane as determined  from  permeation  measurements 
with NZ. 

"his type of reactor offers interesting  advantages  over a packed  bed  reactor  especially in case  of 
highly  fluctuating  concentrations  of NO, 

membrane specific  parameter  defined in equation (14) 
diffusion  coefficient  of  component i in a straight  capillary pore 
Knudsen  diffusion  coefficient  of  component i 
continurn diffusion  coefficient  of  component  i 
effective  diEuSion coefficient of component i 
g ~ r e  diameter  of  the  membrane 
molar flux of component i 
mass  transfer  parameter in the gas  phase  outside  the  membrane 
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membrane  thickness 
molar  mass  of  component  i 
pressure 
gas constant 
temperature 
molar  fraction  of  component i 
location  inside  the  membrane 

location  of  the  reaction  zone  inside  the  membrane 
porosity  of  the  memrbane 
viscosity  of  the gas 
stoichiometric  coefficient 
tortuosity  of  the  membrane 
conversion  of  component i 

in the  bulk  of  the  gas 
experimental 
at  the  membrane  interface 
theoretical 

m 
kg / mole 
Pa 
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